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Polyimide membranes have been implemented in a variety of applications due to 

their attractive productivities, selectivities, and processing characteristics.  Their use in 

high pressure carbon dioxide environments has not been well investigated; however, 

increasing industrial interest in using supercritical CO2 in place of organic solvents as a 

processing agent makes this study important. Many potential end uses of CO2 as an 

industrial solvent will require purification of contaminated high pressure CO2 streams 

with further recycling of the CO2 to prevent significant emission into the atmosphere.   

 

Well designed membranes, which selectively partition the organic solutes into the 

material and transfer it out of the effluent stream, leaving the CO2 at high pressure, offer 

a low cost and high productivity alternative to de-pressurization.  The focus of this 

project is to study the effects of high pressure carbon dioxide on the properties of 

polyimide materials and to successfully separate the organic solute, phenol, from CO2.   
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Investigation of the transport properties of 6FDA-based polyimide materials in the 

presence of pure carbon dioxide at high pressures showed interesting permeability trends, 

in which the permeabilities exhibited a maximum after which they declined with further 

increases in pressure.  These �conditioned� polymers showed decreased chain spacing 

and swelling effects as compared to untested samples, indicating a possible lattice 

collapse of the material.  It seems that the competition between the CO2 induced swelling 

tendency is at some point balanced by the tendency for a non-equilibrium high free 

volume polymer to relax to its equilibrium state.  The permeability maximum occurs 

when the two effects are equal, after the volume contraction is dominant. 

 

By modeling transport through the membrane starting with Fick�s law, and taking 

into account convective contributions to transport, an unconventional approach, termed 

�Sorp-Vection�, to describing mixed gas transport through a membrane was developed.  

This model predicted a high separation efficiency of 79 for the organic solute, phenol, in 

a glassy polymer, 6FDA-DAM.  Experimental separation efficiencies of 40 � 44 were 

obtained for this polymer, which represent 59% of the efficiency predicted via modeling.  

These experimental results provide a proof of concept of bulk flow based separations of 

phenol from CO2.  These experiments verify that (1) the separation of phenol from 

carbon dioxide is possible using glassy materials, (2) these separation factors are large 

enough for industrial viability, and (3) bulk flow effects are working to enhance the 

separation effectiveness.   
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Chapter 1: Introduction 

1.1 MEMBRANE OVERVIEW 

This thesis focuses on basic research conducted to develop membranes for high 

pressure gas separations.  In its simplest form, a membrane is either a porous or dense 

(i.e. nonporous) material that is used to separate mixtures of gases or liquids. Membranes 

used for separations such as microfiltration and ultrafiltration are porous and rely upon 

hydrodynamic sieving of particles from suspending fluids. Unlike such hydrodynamic 

sieving devices, dialysis, reverse osmosis, and gas separation membranes operate at a 

molecular scale (3 � 5Å) to achieve selective passage of one or more components in a 

feed stream [1-3].  

 

Development of membrane materials for separation purposes depends on the 

targeted application. In the most general and ideal sense, a membrane material is 

chemically and physically stable under anticipated operating conditions, has the 

productivity and selectivity dictated by process volume and economics, and is 

conveniently fabricated into modular membrane form. Specifically, materials are tailored 

to carry out separations based on size and shape or chemical properties of the penetrants. 

Polymers are the most frequently used membrane materials because they offer a broad 

range of functional and structural conformations, and are economical [4].  The overall 

process by which transport takes place is called �permeation� and occurs via penetrant 

partitioning into the membrane and activated diffusion within the membrane to yield a 

coupled solution-diffusion process. The two primary measures of intrinsic membrane 

performance are the membrane permeability (i.e. productivity) of the desired penetrant 

and the membrane selectivity (i.e. separation effectiveness) between penetrants.  
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Most industrially relevant membrane structures are not dense films, but are 

formed in one of three basic asymmetric configurations: flat sheet, tubular, and hollow 

fiber.  These configurations maximize the productivities of the materials by increasing 

their surface-to-volume ratio. In this form, successful membrane candidates are 

competing well with traditional pressure swing adsorption and cryogenic technologies for 

specific separations, because they are simple in construction, modular in nature, and 

economical.  

 

1.2 COMMERCIAL MEMBRANE GAS SEPARATION TECHNOLOGIES 

Applications of membrane-based gas separation technology encompass an 

amazing breadth of industrial applications including H2 (hydrogen) separations from 

slower-permeating supercritical components such as CO (carbon monoxide), CH4 

(methane), and N2 (nitrogen), acid gas (CO2 and H2S) separation from natural gas, and 

oxygen or nitrogen enrichment of air. 

 

The first large scale applications of membranes for gas separation were for 

hydrogen recovery. The most well known recovery processes include H2 recovery from 

ammonia purge gas, the separation of H2 from CO to optimize the reactant stoichiometry 

for methanol production, and the separation of H2 from fuel gas [3].  The extraordinarily 

small molecular size of H2 makes it highly permeable through membranes and easily 

collected as a permeate product compared to many larger-sized gases such as N2, CH4, 

and CO.  
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Membranes are also utilized in the removal of acid gases such as carbon dioxide 

and hydrogen sulfide, which can be found in large quantities in natural gas streams, from 

methane. These components are responsible for the �sour� nature of gases from various 

sources; their removal improves the heating value of the gas and also helps reduce 

corrosion of pipelines and transmission equipment [3]. The relatively high solubilities of 

CO2 (carbon dioxide) and H2S (hydrogen sulfide) in membranes at low partial pressures, 

coupled with the low diffusivity and solubility of the bulky supercritical methane 

molecule, give high membrane productivities for these penetrants with good selectivity 

over CH4.   

 

Another well known utilization of membrane-based separations is the separation 

of air into its components, oxygen and nitrogen, of various purities. Combustion 

efficiency and biochemical processes benefit from oxygen enriched air containing 30 � 

40% O2. Nitrogen at 90 � 99% purity provides an inert atmosphere useful in many 

applications, including blanketing fuel storage tanks and pipelines to minimize fire 

hazards, reducing oxidation during annealing, and retarding the spoilage of foods during 

transport and storage. This gas-gas separation is intrinsically the most difficult discussed 

thus far, because both the diffusivities and solubilities of the gas pair are similar in most 

membranes. This leads to similar permeabilities for the two components and thus modest 

selectivities, rendering high-purity separation difficult. Nevertheless, well-engineered 

commercial systems do exist for producing nitrogen-enriched air above 99% purity.   

 

For most of the separations described above, glassy polymers are preferred, 

because the diffusion coefficients of the smaller molecules through the materials are 

markedly higher than the larger molecules.  Development of membranes for separation of 
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condensable components from effluent streams using rubbery materials is also being 

pursued and provides a potentially attractive separation avenue [5-7].  If properly 

supported against mechanical deformation, polymer membranes can be used to separate 

dilute concentrations of highly condensable bulky components from smaller less 

condensable components such as air.  The highly condensable nature of heavier and polar 

hydrocarbons tends to make them sorb easily into rubbery or glassy polymers, whereas 

highly supercritical components like N2 exhibit low sorption uptakes even at relatively 

high pressures of 145 psi [8]. For rubbery polymers, however, the intrinsically higher 

diffusion coefficient for smaller vs. larger molecules tends to be much less extreme than 

in glassy materials.  Therefore, rubbery polymers are the preferred materials for such 

solubility-based separations where the sorption level of the small molecule is sufficiently 

low.   

 

The captured membrane markets described above are relatively mature; however, 

new and challenging market segments are also on the horizon, and if captured, can grow 

into a significant economical opportunity for the membrane community.  In recent years, 

industrially relevant separations of supercritical carbon dioxide from effluent streams has 

come into focus and represents a new challenge for membrane separation technology.  

Successful separation of small organics from supercritical carbon dioxide and modeling 

of the transport mechanisms is the first important step in utilizing membranes for these 

high pressure separations.  
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1.3 MEMBRANE BASED APPLICATIONS FOR SUPERCRITICAL CARBON DIOXIDE 
PROCESSING 

 

Internationally, billions of pounds of organic and halogenated solvents are used as 

processing tools, cleaning agents, and dispersants [9, 10].  These solvents cause lasting 

health consequences to humans and are also harmful to the environment.   

 

Concern for the working public�s safety combined with a responsibility to protect 

the environment from pollution has culminated in an industrial research effort to develop 

acceptable alternatives to the currently used solvents.  Carbon dioxide is an attractive 

alternative because it is non toxic, inexpensive, non-flammable, widely available, and has 

a broad range of dissolving power, especially in the supercritical region [11].  The NSF 

Science and Technology Center for Environmentally Responsible Solvents and Processes 

has begun a research effort aimed at building a fundamental and comprehensive 

understanding of the technical issues that require resolution to fully realize CO2�s 

potential in industrial applications. 

 

Many potential end uses of CO2 as an industrial solvent will require recycling of 

the CO2 to prevent significant emission into the atmosphere [9].  As well, recovery of 

unused solute from CO2 solutions is desired.  One method to remove solutes from CO2 is 

to depressurize effluent streams so that the solutes can be isolated from their respective 

solvent as seen in Figure 1.1(1).  However, recompressing the CO2 to operating pressures 

is energy intensive and expensive.  Well designed membranes, which selectively partition 

the organic solutes into the material and transfer it out of the effluent stream leaving the 

CO2 at high pressures, shown as the dashed lined case in  Figure 1.1, offer a low cost and 
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high productivity alternative to de-pressurization.   In this scenario, solutes are recovered 

at low pressures and high pressure purified CO2 can be recycled with little or no 

repressurization. 
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Figure 1.1     Schematic of potential CO2 purification and recycle methods.  Case (1) 
demonstrates the major de-pressurization and recompression method.  Case 
(2) presents a hypothetical membrane based unit with little or no associated 
recompression costs. 

 

Current collaborative research with The University of Texas at Austin, North 

Carolina State University (NC State), and Georgia Institute of Technology has focused on 

developing the materials and technology to enable the use of membranes in supercritical 

CO2 processes. 
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1.4 MOTIVATION FOR PHENOL / CO2 SEPARATIONS INVESTIGATION 

Supercritical carbon dioxide is being investigated for solvent replacement in 

several different industrial processes.  Since supercritical carbon dioxide based 

polymerizations are at the forefront of these studies, we have chosen to use the effluent 

stream of one of these processes as a model for our separation work.  Of particular 

industrial interest is the utilization of supercritical carbon dioxide in the synthesis of 

poly(bisphenol-A carbonate).  This process is under investigation by DeSimone and co-

workers at the University of North Carolina Chapel Hill and North Carolina State 

University.  Industrially, two suitable synthetic routes are utilized.  One is an interfacial 

reaction between phosgene and bisphenol-A at temperatures between 25°C and 30°C.  

This technique results in high molecular weight polymers with excellent optical qualities, 

but in the process uses a dangerous gas, phosgene, and produces an organic waste stream.  

A second technique to synthesize poly(bisphenol A carbonate) utilizes an ester exchange 

reaction between a bisphenol and a phenyl carbonate.   The monomers for this process are 

shown below: 
 

CH3

CH3

OHOH

            
O

O

O
 

       2,2 bis (4hydroxyphenylpropane)     diphenyl carbonate 

Figure 1.2  Monomers for poly(bisphenol A carbonate) 

 

While this technique is solvent free, it produces a melt with an extremely high 

viscosity, which limits the movement of the free polymer chain ends as well as the 
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diffusion of the condensate out of the mixture.  To achieve high molecular weight 

polymer, very high temperatures are necessary. This leads to undesired side reactions 

resulting in reduced optical clarity of the final product.   Though high temperatures can 

be partially eliminated through the use of vacuum techniques, commercialization is 

difficult because of the capital investment to properly maintain vacuum for extended 

periods of time [12-14].   A method is currently under investigation by DeSimone�s 

group which will use the melt phase technique to generate a low molecular weight pre-

polymer. To complete the polymerization process successfully at lower temperatures, 

supercritical CO2 is introduced and circulated through the reaction system to swell the 

medium, reduce the melt viscosity, and increase reaction rates. The net result is increased 

final product quality [12-14].   The effluent stream of such a reaction process would be 

comprised of the condensate molecule, phenol, in a CO2 mixture.  We are using this 

process as a model system and are developing the methods and materials to selectively 

recover phenol from CO2 to enable the recycle and re-use of purified CO2.   

 

1.5 MEMBRANE SEPARATION STRATEGY 

 

Under normal processing conditions, glassy materials are not favored for 

selectively separating phenol from CO2 because of their size-based mobility 

discrimination.  However, using rubbery materials in the traditional sense is also difficult.  

This difficulty arises because for condensable penetrants such as carbon dioxide, 

especially at high pressures such as that encountered in supercritical processing, the 

relative solubility differences between components tend to be less favorable than in the 

typical separations mentioned above.  These two factors make separating the condensable 

solute from the high pressure CO2 more difficult using traditional techniques.  Therefore, 
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an alternative approach to selectively separate the larger component is attractive.  

Specifically, for the case that involves stripping of a dilute highly condensable 

component like phenol from high pressure CO2, a new process based on sorption induced 

convective transport (i.e. Sorp-vection) through the membrane appears particularly 

attractive.  Given the increasing interest in supercritical processing, this topic is 

especially important.   
 

This thesis describes a novel membrane process as well as appropriate membrane 

and operating conditions to perform this process.  To illustrate the more general nature of 

the process, discussion will be couched in terms of �A� (phenol), �B� (CO2), and �P� 

(polymer).  In general, the process should work for selective sorption of any compound 

�A� at a large absolute weight fraction, ωA, coupled with a significant diffusionally-

induced flux of a second component �B� through a permeable polymer that is properly 

restrained from flow by a rigid support.  The flux of B convectively moves A, which 

selectively partitions into the polymer phase, across the membrane, rather than relying 

upon diffusive transport of A to an enriched mass fraction downstream.  In its most 

general form the process could have many applications involving dilute feeds where 

current membrane processes perform poorly.   Such current processes are limited by low 

transmembrane chemical potential, which is unable to strongly motivate component A 

between the upstream and downstream faces of the membrane.  This problem is 

especially limiting when the molecular diffusion coefficient of A is low in the polymer 

matrix.   
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In the novel process depicted in Figure 1.3, by proper selection of the composition 

of the membrane, the upstream side of the membrane acts as a �strong concentrator� of 

solute A from the solution.   

 

Figure 1.3    Sorption enhanced convection: (1) Concentration of solute A; (2) 
Convection of solute A via component B 

Component B on the other hand, ideally should show a much lower sorption 

tendency than A in the upstream membrane.  In this case, the local concentration at this 

point is highly enriched in A vs. B compared to the external upstream feed solution.   For 

cases such as supercritical extraction, where component B (CO2) has a high intrinsic 

diffusion coefficient in the A-swollen membrane, a significant steady state diffusive flux 

of B occurs.  By proper control of downstream conditions, the thermodynamic activity 

(or fugacity) of component A can be maintained high and essentially constant across the 

entire membrane.  In this case, a small or nonexistent concentration profile of A exists, so 

negligible diffusion of A occurs.   Nevertheless, the associated diffusive flux of 

component B provides an overall bulk flow within the membrane.  The overall bulk flux 

moves component A at a greatly enriched mass fraction relative to the value in the feed 

into the downstream receiver.  This coupled process produces a higher combined flux and 

A

B
Pressure

Pu Pd

ω = 0.10  ω = 0.10

Pu Pd

ω = 0.10
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selectivity of A vs. B than could be achieved with a conventional, simple purely sorption-

diffusion, membrane.     

 

1.6 OBJECTIVES 
 

The ultimate goals of this project can be separated into three distinct and yet 

interwoven topics.  The first is to design and build high pressure pure and mixed gas 

permeation equipment for the characterization of commercially attractive polyimide 

materials that are synthesized in the laboratory.  In addition, pure carbon dioxide 

productivities in the supercritical region are investigated.  The second objective is to 

successfully separate phenol from supercritical carbon dioxide and optimize the 

selectivities through material manipulation and different conditioning environments.  The 

third objective is to develop a model for the mixed gas separations using Fick�s law as a 

starting point, and later, generalize findings in an attempt to outline the necessary 

parameters for other condensable solute based separations.  The specifics of each 

objective are outlined below. 

 

1.6.1 Objective I:  To build high pressure permeation equipment, synthesize  

commercially attractive polymers, and characterize materials for productivity in  

pure carbon dioxide environments. 

 

Investigation of polymeric materials in supercritical carbon dioxide environments 

has not been extensive[10, 15-21].  Therefore a fundamental aspect of this study is to 

fully characterize glassy polyimide materials in the supercritical region and seek to 
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explain any unforseen phenomena. It is expected that the interaction of carbon dioxide 

with the polymer will swell the material, causing it to exhibit a typical plasticization 

response, which is an increase in productivity with increasing CO2 pressure. 

Commercially attractive 6FDA based materials are synthesized and characterized up to 

1500 psi.  These polyimides are mechanically robust in the high pressure environment 

and have good productivities. As well, they are solution processable, easily modified, and 

can be formed into industrially relevant hollow fiber membranes.  The performance of the 

6FDA polyimides will be benchmarked against a commercially available polyimide, 

Matrimid® , for comparison purposes. 

 

High pressure CO2 sorption and dilation are measured by in-situ spectroscopic 

ellipsometry [22-25]. These measurements are done in collaboration with Professor Keith 

Johnston and Joseph Pham at The University of Texas at Austin.  These techniques, along 

with wide angle x-ray diffraction (WAXD) and basic modeling, will be used to present 

and explain data as well as any unexpected phenomena for the polymers studied.  

 

1.6.2 Objective II:  Characterize polymer materials in mixed carbon dioxide and 

phenol environments and optimize the separation efficiency of the polymers.   

6FDA based polyimides are utilized because of their high productivities and 

intrinsic affinity for phenol.  Before polymer characterization in mixed gas environments 

are performed, several challenges unique to the phenol / carbon dioxide system are 

addressed, by way of equipment design, permeate sampling techniques, and processing 

environments.  These fundamental issues and their resolutions are presented before mixed 

gas results are explained.   
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Though glassy materials are typically not used to separate larger organic solutes 

from smaller components, it is expected that this separation will be successful because of 

convective contributions to transport [26].  These contributions are enhanced in this 

system because of the high sorption levels of phenol in the polymer combined with the 

large flux of carbon dioxide.  Mixed gas results will be presented and compared to 

theoretical predictions using the Fickian analysis [27, 28].  Optimization of conditioning 

environments and polymer materials for highest separation efficiency is also discussed.  

Deviations from the simple solution-diffusion model of transport are investigated to 

explain the actual separation efficiencies.  

 

1.6.3 Objective III:  Develop a model to explain and predict the transport and  

separation of organic solutes from supercritical carbon dioxide.   

 

A detailed model outlining a proposed transport mechanism of phenol through the 

polymer is developed using Fick�s first law as a starting point.  This method relies on 

sorption-enhanced convection (i.e. Sorp-vection) to successfully separate phenol from 

carbon dioxide.  This approach is compared to that developed using the more rigorous 

Maxwell-Stefan technique to ensure the validity of the model.  Finally, the predictive 

value of the model is tested using results obtained from permeation and sorption 

experiments.   

 

The supercritical CO2/phenol system currently being investigated is only one of 

several potential supercritical CO2/solute separations. Since the bulk flow  model was 
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developed for a general class of systems, basic criteria that are important to consider in 

the material development for future separations are established.  Factors that should be 

addressed as well as a priori estimates of separation feasibility are presented. 

 

1.7 ORGANIZATION OF DISSERTATION  

 

This dissertation is organized into 8 chapters.  Chapter 2 describes the background 

and fundamental theories pertinent to the project.  Relevant materials and methods are 

highlighted in Chapter 3.  In Chapter 4, interesting pure CO2 permeation and sorption 

results are highlighted, and some trends in both are explained and modeled.  Modeling 

based on bulk flow theory will be presented in Chapter 5, with comparisons between a 

Fickian and Maxwell Stefan approach. Chapter 6 focuses solely on mixed phenol / carbon 

dioxide separations, describing challenges unique to the phenol / carbon dioxide system 

and presenting results obtained after overcoming these challenges.  The economics of the 

�Sorp-Vection� approach to phenol / CO2 separations are investigated Chapter 7.   The 

focus of this project has been geared towards the separation of a model solute, phenol, 

from carbon dioxide.  However, high pressure CO2 separations and those involving dilute 

solute separations from effluent streams are of great importance to the industrial 

community. Therefore, this chapter also takes a global perspective of the fundamentals 

uncovered during the course of this project.  It also seeks to form general rules that can be 

used to develop membranes for a variety of separations.  Chapter 8 gives conclusions for 

the work presented and recommendations for further fundamental studies. 
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Chapter 2:   Theory and Background 

2.1 GAS SORPTION AND TRANSPORT IN GLASSY MATERIALS 

2.1.1 General 

 

In the simplest sense, gas separations membranes are dense, non-porous materials 

that selectively pass one component while rejecting the other.  A process (feed) stream 

enters the membrane unit.  The permeating component, or permeate, sorbs into the 

membrane, diffuses down a sorbed concentration gradient, and is collected on the 

downstream side of the membrane, while the non-permeating species is purged via the 

retentate stream.  The driving force for permeation is the chemical potential difference 

across the thickness of the material, which translates roughly into the partial pressure 

differential across the membrane under ideal conditions [1].  A schematic representation 

of the separation of phenol from supercritical carbon dioxide (ScCO2) through a 

membrane of thickness l is shown in Figure 2.1.   
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Figure 2.1 Separation of phenol from carbon dioxide using a membrane 

Gas separation membranes are usually amorphous in nature, which means that 

they have no long range order, but only short range packing and motions, which serve to 

control the transport properties of small penetrants like gases and solvent molecules. The 

packing and motions of the polymer are determined largely by whether the material is 

glassy or rubbery.  Polymers exist in the glassy state at temperatures below their glass 

transition temperature (Tg) and in the rubbery state above their Tg.  In the rubbery state, 

polymer chains have large scale rotations, which allow packing defects to be formed and 

removed quickly.  These packing defects are the transient gaps in the chain segments that 

are used by molecules for diffusion through the material.  As the temperature is lowered 

below the glass transition temperature of the material, the motions of the polymer 

segments slow drastically and essentially �freeze� once the Tg of the material is traversed, 

creating microvoids in the material.  The non-equilibrium combination of microvoids 

( gV� � lV� in Figure 2.2) and densely packed regions of the polymer create two environments 
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for transport, one depending on diffusive jumps to and from the microvoids, and the other 

depending on the transient segmental gaps that form due to very small oscillatory 

motions in the densely packed regions [2].  Due to this reduced polymer chain mobility, 

glassy polymers provide a more size and shape selective environment than rubbery 

polymers which makes them favorable for many applications.   

 

 

 

Figure 2.2    Polymer specific volume as a function of temperature.  A glassy 
environment,  exists below the glass transition temperature (Tg), and a 
rubbery environment exists above the Tg 
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2.1.2 Permeation 
 

A membrane�s material performance is defined in terms of penetrant transport 

properties, mainly permeability and selectivity. According to Fick�s first law of diffusion, 

flux of a permeant through a pore-free dense polymeric membrane with respect to a fixed 

frame of reference is equal to the sum of the bulk and diffusional flux as shown below: 

 

 Bulk
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 where n is the steady state flux of penetrants A and B, wA  is the average weight 

fraction of component A in the material, X is the thickness coordinate of the membrane, 

and DAM is the effective binary diffusivity for diffusion of A in the mixture. For many 

common separations involving dense films, the process of selectively passing one 

component while rejecting the other occurs via a solution-diffusion mechanism. 

Penetrants on the upstream side of the membrane sorb into the polymer matrix, diffuse 

through the membrane to the downstream side, and desorb.  When the sorption of 

moieties are small, the convective flow (or bulk flow) of components is neglected, and 

the flux of the component is described by the following [2]. 
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The productivity of a membrane material, the pressure and thickness normalized 

flux, is defined by the following equation: 

 

 
l/A

A
A p

n
P

∆
=         (2.5)  

 

where PA is the permeability of component A, Ap∆  is the partial pressure driving 

force of A across the membrane,  and l  is the thickness of the membrane.  This equation 

is valid for conditions where the components are considered ideal, which allows the 

driving force to be described by the difference in partial pressures.   

 

The permeability, PA, of a moiety can also be written as the product of a kinetic 

parameter, DA, the diffusion coefficient, and the solubility parameter, SA = 








A

A

P
C , the 

sorption coefficient.  In the definition of solubility of component A, the AC  is the 

concentration of component A in the polymer, and AP  is the partial pressure of 

component of A in the feed.  The expression for permeability is shown below: 

 

 AAA SDP =         (2.6)  

   

Permeability values are typically reported in Barrers 
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10 )(101 .  If the permeability of a component pair is known, the 

ideal selectivity of the membrane is given by the ratio of the two pure gas permeabilities. 
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The separation factor, which is calculated for mixed feeds, using the mole fraction 

of components at the permeate and feed side of the membrane, is  
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where A and B refer to the components, and P and F refer to permeate and feed, 

respectively.  In the case where the gases do not interact strongly with each other or with 

the membrane material, and when the permeate pressure is essentially zero, the ideal 

selectivity is equal to the separation factor.  Much of the above equation development is 

appropriate for non-interacting, low sorption, low pressure, �ideal� mixtures.  However, 

working with phenol (highly sorbing) and ScCO2 (high pressure) makes a discussion of 

non-idealities imperative. 

 

2.1.3 Fugacity effects 

 

The inherent non-idealities encountered when working with supercritical carbon 

dioxide are important to address.  For non-ideal gases, the driving force described in 

equation (2.5) is the fugacity difference across the membrane.  Fugacity corrects for the 

non-idealities of pure gas and gas mixtures and is described in terms of pressure units.  

The fugacity coefficient is shown in the following equation [3]: 
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A p

f=φ            (2.9) 

  

where φ  is the fugacity coefficient of component A, f is the fugacity  of A, and p 

is the partial pressure of component A in the gas mixture.  The fugacity coefficient, and 

therefore fugacity, can be calculated using PVT data or an equation of state in 

combination with the following expression: 
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0

)1(lnφ        (2.10) 

 

For an ideal gas, φ A = 1, fA = pA, and equation (2.5) can be directly used in the 

calculation of permeability. 

 

2.1.4 Bulk Flow Effects on Transport 

 

As can be seen by equation (2.5) in section 2.1.2, the calculation of productivity 

depends greatly on the method by which the flux is obtained.  For feeds where the 

sorption of the components is low and the flux of two components is similar, neglecting 

bulk flow effects is appropriate.  However, in the case where one of the components is 

highly sorbing and when the permeation flux of one of the permeants is much higher than 

the other one, bulk flow effects must be taken into account[4]. In fact, the effects of bulk 

flow are the crux of the theory and the method by which phenol is separated from carbon 

dioxide in the present study. If effects of bulk flow are considered, the following 

equations for the flux of the components A, B, and polymer, P, are valid: 
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The flux of the polymer, np, is zero at steady state since the center of mass of the 

membrane is stationary.  It is interesting to note, that since the polymer mass flux, np, is 

zero, the diffusional flux of the polymer is equal in value and opposite in direction to the 

flow of the bulk term.  Its implications will be discussed more fully in Chapter 5.   

 

To fully understand the effects of bulk flow on the total flux through the 

membrane, the fraction of bulk flux through the membrane can be calculated following 

Kamarrudin [4] for each component: 
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2.2 SORPTION 

2.2.1 General 

 

Equilibrium gas sorption in glassy polymers can be described using the dual mode 

model, which considers the glass to be a densified matrix having a small volume fraction 

of distributed molecular scale gaps throughout [5]. Sorption into the matrix can be 

described by Henry�s law, which accounts for penetrants in the dissolved state, while the 

molecules in the non-equilibrium microvoids are described by the Langmuir 

concentration.  The dual mode model is represented by: 

 

 HD CCC +=        (2.16) 

   

where CD and CH are the Henry�s law and Langmuir concentrations respectively.  

Substituting the mathematical expressions for CD and CH result in the following 

expression for the concentration of a sorbed penetrant in the membrane.   
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kD is the Henry�s law coefficient, b is the Langmuir affinity constant, and C’H is 

the Langmuir capacity constant.  The sorption coefficient of component A, SA, is given 

by the following equation: 

 

 
A

H
D

A
A bp

bCk
p
CS

+
+==

1

'

      (2.18)      

   



 27

In a mixture, when plasticization is not present, sorption into the Henry�s regime 

is relatively unaffected by the presence of other mixture components.  However, sorption 

into the Langmuir sites exhibits competitive effects.  The total sorption of component A, 

in a binary system of A and B molecules is given by the following equation: 
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++
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    (2.19)  

 

When equation (2.19) is divided by the partial pressure of A ( )Ap , the result 

depicts the mixed gas solubility of component A in the material. 

 

2.2.2  Estimation of Sorption via Ellipsometric Techniques 

 

  Ellipsometry has been used successfully to study the dilation and swelling of 

thin films under different conditions.  Sirard et al. have extended this capability to the 

measurement of the swelling and estimation of sorption in the presence of high pressure 

CO2 [6-9].  In this technique, a light of known polarization state is reflected off a planar 

surface.  The resultant change in the light�s polarization can be used to determine the film 

thickness and refractive index of the material.  These values in conjunction with the 

Clausius � Mosotti equation can be used to estimate CO2 sorption [6, 10]. 
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where <nj> is the average refractive index over a wavelength range from 410 to 

750 nm of the swollen film, Rj is the molar refraction, Mwj is the molecular weight, and ρj 

is the density.  Rj / Mwj is a constant that is material specific, and thus is replaced with the 

constant, qj.   

 

The mass concentrations of CO2 and the film in the swollen material can be 

calculated using the following mixing rule: 
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      (2.21) 

 

where the characteristic constants of the CO2 and the polymer, qCO2 and qp, are 

obtained from pure component data using equation (2.20) above.  The polymer density 

can be determined from the film swelling, (h/ho) and pure polymer density (ρo), 

 

 
h

ho
opolymer ρρ =         (2.22) 

 

The pure polymer density was taken from data in the literature, and the index of 

refraction was measured by ellipsometry at 1 atm in air at 50°C.  The refractive index of 

sorbed CO2 was 1.22 at 50°C [11].   

 

2.2.3 Estimation of Sorption via Flory-Huggins 

 

The sorption and swelling of polymers at intermediate and high sorbate 

concentrations can be estimated a priori via the Flory Huggins expression [12, 13].  
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While this equation has been developed for rubbery materials, and is not valid for 

sorption in typical glassy polymers, it can still be useful in situations where the glassy 

material is swollen to the extent that it has almost traversed its Tg and become rubbery.  

The Flory-Huggins expression is presented below: 
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       (2.23) 

 

In the expression, p is the penetrant pressure, po is the vapor pressure of the 

penetrant, vp is the volume fraction of the polymer, and χ is the Flory-Huggins interaction 

parameter. 

 

The volume fraction of polymer in equation (2.23) can be related to pentrant 

concentration within the polymer using the following expression: 
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where C is the penetrant sorption level (cc(STP)/cc polymer) and V2 is the partial 

molar volume of the penetrant in cc/gmole. 

 

Another method by which sorption in polymers can be estimated was developed 

by Sanchez and Lacomb.  This lattice fluid equation of state has been fully derived in 

their 1976 paper [14] and is shown below: 
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where ∗=
ρ
ρρ~   is the reduced density, ∗

=
P
Pp~  is the reduced pressure, ∗=

T
TT~  

is the reduced temperature, and r is the number of lattice sites occupied.   The P*, T*, and 
∗ρ  can be calculated from pure component PVT data.  Solving the resulting equations for 

ρ~ , the reduced density of the mixture, 1ρ , the reduced density of the free gas phase, and 

then equating the chemical potential of the gas in the polymer to the chemical potential of 

the gas in the fluid allows solution of the volume fraction of the gas, 1φ , in the polymer.  

From that, the sorption level, or weight fraction of the gas in the polymer can be 

determined [15].  A study done by Pope [16] showed that thermodynamic manipulations 

of the equation of state can indeed be performed to predict sorption of various gases in 

rubbery polymers, though sorption levels are somewhat underpredicted.   Its applicability 

to glassy polymers is still debatable, because it does not address Langmuir sorption.  

However, for the highly swollen, or �leathery� materials used in this study, this model 

might still be useful. 

 

Jordan and Koros have proposed a model that does take into account sorption in 

both Henry�s dissolved sites and the non-equilibrium Langmuir sites.  The Sanchez- 

Lacombe equation of state predicts sorption in the packed region on the polymer matrix, 

while the additional contribution to sorption into regions of excess free volume of a 

glassy polymer is addressed using a modified version of an approach first proposed by 

Kirchheim.  Positron annhilation lifetime spectroscopy data is used in conjunction with 

PVT data to characterize the glassy polymer.  This description is then used to calculate 
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Langmuir type sorption.  The resulting model is a step in the right direction, but is 

intended for low sorption levels, where the free volume distribution can be assumed 

independent of pressure, and does indeed tend to overpredict the sorption levels of carbon 

dioxide especially at higher pressures.    

 

2.3 DIFFUSION IN POLYMERS 

 

Diffusion is a mobility factor which enables glassy materials to provide efficient 

size and shape dependent separations.  The ratio of the diffusivity coefficients of 

transporting components typically determines the selectivities in these polymers.  

Diffusion of components in a polymer is controlled by the frequency of polymer chain 

segment openings of a sufficient size for the penetrant to move, and is quantitatively 

described by the following equation: 
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=       (2.26) 

 

DA is the diffusion coefficient of component A, while fA is the frequency of jumps 

path length λA in the polymer.   

 

2.4 PLASTICIZATION RESPONSE 

 

Under high pressure carbon dioxide conditions, most membrane materials tend to 

�plasticize�. Specifically, the presence of the sorbed carbon dioxide at high pressures 

tends to soften and dilate the membrane material, thereby causing DA in Eq (2.26) and PA 
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in Eq (2.6) to increase sharply with increasing feed pressure.   A typical plasticization 

curve for permeability is presented in Figure 2.3 [17].  

 

Figure 2.3  Plasticization response of a 6FDA-based polyimide upon exposure to carbon 
dioxide at 35°C.   

 

In this figure, material permeability initially declines with increasing pressure as 

the non-equilibrium microvoids present in the glassy material become saturated [5].The 

permeability reaches a minimum before it begins to increase with increasing pressure. 

This minimum in the permeability versus pressure is defined as the �plasticization 

pressure� of the material. Plasticization is caused by an increase in the segmental motion 

of the polymer chain due to the presence of a highly condensable component.  The 

enhanced mobility of the segments increases both the frequency and the average size of 

transient gaps that enable diffusion, thereby increasing the permeability. This upswing in 
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permeability following the minimum is usually accompanied by a decline in selectivity as 

the material loses its ability to distinguish between molecules of similar sizes.   

 

2.5 SOLVENT INDUCED GLASS TRANSITIONS 

 

Sorption of vapors and liquids into glassy polymers can cause enough 

plasticization to significantly lower its glass transition temperature.  Gases such as CO2, 

with high critical temperatures, are also quite soluble in glassy polymers, and have been 

shown to also alter the glass transition temperature of a polymer [18-21].  Chow [19] has 

developed a theoretical relation for the estimation of Tg depression caused by a diluent, in 

this case CO2. 

 

Equation (2.27) describes the Tg depression relationship. 
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In the above equations, Tgo is the glass transition temperature for the pure 

polymer, while Tg is the value when the weight fraction of the diluent is ω.  Md is the 

molecular weight of the diluent, Mp is the molecular weight of the polymer repeat unit, 

and ∆CP is the change in specific heat of the polymer at its glass transition.  The 

parameter z is the coordination number and R, the gas constant.  All of the above 

parameters are known or can be measured directly, with the exception of the coordination 

number. For this, Chow has suggested using the coordination number of 1. 

 

2.6 SUPERCRITICAL CARBON DIOXIDE (SCCO2) 

Most of the discussion above centers around fundamentals that are general to 

membrane based separations.  However, since this project deals with carbon dioxide 

processing in the supercritical arena, it is important to (1) highlight unique aspects of the 

supercritical fluid and how it affects basic transport processes, (2) describe potential uses 

of membranes in this environment, and (3) give background on previous membranes 

work using supercritical carbon dioxide.  Sections 2.6 and 2.7 focus on these three topics. 

   

2.6.1 Fundamentals 

A fluid heated to above its critical temperature and pressure is defined as a 

supercritical fluid.  Figure 2.4 shows the Pressure � Temperature diagram of carbon 

dioxide.   
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Figure 2.4 Pressure � Temperature diagram for carbon dioxide.  Above the critical 
temperature and pressure (Tc, Pc), the fluid is supercritical.  The critical 
temperature for CO2 is 31°C while the critical pressure is ~ 1070 psi. 

 

The vapor pressure curve is defined through the triple point, where all three 

phases co-exist, and by the critical point, above which the differences between the 

gaseous and liquid phases disappear [22].  The major advantage of using CO2 in its 

supercritical state is that it exhibits properties of both a gas and liquid.  It has densities 

which are very similar to those of liquids, which enhances its solvation power, but has 

diffusion coefficients more like gases, which enables high mass transport rates.  Table 1 

[23] shows the physical properties of supercritical carbon dioxide and compares them to 

the gas and liquid forms.  
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Table 2.1 Physical properties of carbon dioxide as a gas, liquid, and supercritical fluid 

State Density 
(g/cc) 

Dynamic Viscosity 
(Poise) 

Diffusion Coefficient 
(cm2/s) 

Gas Tambient 0.0006 - 
0.002 

1 � 3 x 10-4 0.1 � 0.4 

Supercritical CO2 0.2 � 0.5 1 � 3 x 10-4 0.7 
Liquid 0.6 � 1.6 0.2 � 3 x 10-2 0.2 � 2 x 10-5 

 

2.6.2 Solute activities in ScCO2 

When working with mixtures in the supercritical region, it is important to know 

the activities of the solutes at various temperatures and pressures.  The activity of a solute 

in solution can be calculated using the following expression: 

 

 o
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pya φ=         (2.30) 

where yi is the mole fraction of the solute, φi is the fugacity coefficient of the 

component, p is the total pressure of the mixture, and fi° is the fugacity of the saturated 

liquid at process temperature and pressure. 

 

The fugacity coefficient can be calculated using Eqn (2.9) in Section 2.1.3 and the 

Peng-Robinson EOS [3, 22].  The expression used for φi is shown below: 
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The mixture parameters are defined by the mixing rules 
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2.6.3 Separation Process Unit 

 

The membrane based separations described in this thesis will be a unit operation 

of a larger process environment.  The processing environments could be one of the 

following: 

 

! Solid State polymerizations using ScCO2 as the swelling and reaction 

medium. 

! Continuous polymerizations using ScCO2 as the processing solvent [22] 
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! Solute extraction using ScCO2 using countercurrent columns for liquid 

feed solutions or fixed beds of solids for solid extraction [24] 

 

The effluent streams from these operations would consist of solutes in ScCO2 

which would need to be separated from the CO2 for further use.  The separation process 

in Figure 2.5 does not make use of a membranes unit and is included for comparison. In 

this process, the effluent stream is expanded across a valve, and the solute is separated 

because of its low solubility.  After the separation, the CO2 must be pressurized and 

brought to process temperature for re-use.   

 

 

 

Figure 2.5 Unit operation of product and solute recovery without a membranes separation 
unit.  The process effluent is depressurized, and product and solute is 
recovered. The now purified CO2 is recompressed, adjusted to process 
temperature, and sent back to the process. 
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A complete process incorporating a membrane separation unit would theoretically 

look the like one presented in Figure 2.6, though depending on the effluent composition, 

could potentially require additional processing steps.  

 

 

Figure 2.6 Process depicting product and solute recovery from a process effluent using a 
membrane separation unit.  

The schematic presented in Figure 2.6 is based on a reaction system using 

supercritical CO2 as the solvent medium, but in reality could be a number of different unit 

operations.  In this process, a saturated effluent stream containing an organic solute and 

other short chain oligomers leaves the reactor at process temperature and pressure.  The 

pressure and temperature is dropped slightly to eliminate the short chain polymers and 

the bulk of the organic solute.  Now the effluent stream, containing less than 1wt% of 
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organic solute is passed through a membrane separation unit, where the solute is 

continually stripped from the ScCO2 mixture, resulting in a high pressure purified stream 

that is then recycled back to the reactor, with only minimal recompression.  From the 

permeate stream, the organic solute can be recovered, and then the CO2 can be recycled 

after recompression.  Even with the recompression needs of the membranes based unit, 

this method is still quite economically attractive as compared to the alternative.  A 

detailed economic analysis of each process is included in Chapter 7 of this thesis. 

 

2.7 REVIEW OF PREVIOUS SUPERCRITICAL CARBON DIOXIDE SEPARATION WORK 
 

Basic investigation into the potential utilization of membrane materials for 

supercritical separations has occurred in the past 15 years.  Researchers have been able to 

successfully separate mixtures containing supercritical CO2 and small organic solutes 

using asymmetrically cast Kapton® polyimide membranes in traditional processing 

environments.  These membranes were made by casting a solution of 18 wt % polyamic 

acid and 5 wt % phenanthrene in dimethylacetamide, followed by a cyclization process.  

The ability of the material to separate ethanol, iso-octane, and other aromatic 

hydrocarbons from supercritical CO2 was studied.  The organics generally composed less 

than 6% of the total solution.  Across the board, these researchers were able to separate 

the organics from the supercritical solvent, with selectivities ranging from 8.7 for ethanol 

to 4.3 for 2,2 dimethylbutane.  Typically, the flux of the carbon dioxide varied linearly 

with pressure (measured from 200 psi upto 1800 psi).  The fluxes of the minor 

component also varied linearly with pressure.  No mention was made regarding 

plasticization effects on the flux or selectivities.  All selectivities measured were constant 

in the face of increasing pressure which is interesting, given that they were operating in 
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the supercritical region.  This result is replicated in each of the three papers published by 

the team from Japan [25-28].  It is of note that aromatic compounds, including toluene, 

were successfully separated from supercritical CO2 using this process.  In structure, 

toluene is very similar to phenol (with the -CH3 replaced by the �OH), and has a critical 

temperature (592K) which is quite high, similar to phenol�s (694K).  Since the 

solubilities of phenol are much higher than that of toluene, it seems that the sorption 

based separation approach used in the �sorp-vection� concept is reasonable and should 

result in higher yields. 

 

Kulcke [23], whose work progressed concurrently with this thesis, also studied 

the effects of supercritical carbon dioxide on the transport properties of both organic and 

inorganic membranes.  He characterized 6FDA-4mPD/DABA 4:1 and composite Teflon 

AF® / PEI membranes under varying upstream and transmembrane pressures.  Titania-

Alumina composites, TEOS treated alumina membranes, and NaA-Zeolite membranes 

were three of the inorganic materials that were studied.  The most interesting findings of 

Kulcke were those related to the organic materials.  A maximum in permeability was 

seen in the 6FDA-4mPD/DABA materials around 850 psi, after which the permeability 

decreased with further increases in pressure.  This was repeated several times with 

different samples.  In depth characterization was not done to fully explain these 

interesting results. 

 

Sarrade et al used both inorganic and inorganic / organic hybrids for nanofiltration 

of natural products that had been extracted via supercritical carbon dioxide [29-33]. The 

inorganic / organic hybrid consisted of a Nafion® separating layer resting on a titanium 

oxide and α - alumina substrate while the inorganic membrane consisted of titanium 
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oxide resting on top of an α-alumina substrate.  Using these hybrids, CO2 permeation at 

pressures of up to 31 MPa and temperatures up to 353K was measured.  The permeation 

isotherms reached a maximum value and then decreased. Further, upon depressurization, 

they found the permeabilities to be reduced as compared to initial permeabilities.  These 

phenomena are attributed to strong interactions between fluid and membrane material 

which leads to irreversible CO2 adsorption on the microporous walls, reducing the 

apparent pore radius.  To model the permeability of CO2 through the membrane, the 

Poiseuille model, not Knudsen, was found to give the most accurate qualitative picture of 

permeability versus pressure.    Using the same materials and a transmembrane pressure 

of 1-3MPa, they successfully fractionated different molecular weight triglycerides and β-

carotene from sunflower oils and carrot seeds.   

 

Chiu focuses on the separation of caffeine from CO2 with the purpose of 

regenerating carbon dioxide for further decaffeination processing [34].  Two porous 

membranes were used in the study.  The first is a polycarbonate membrane with 10nm 

pores.  The other is a nanofilter (M5) consisting of a thin layer of ZrO2-TiO2 substrate 

having an average pore size of 3nm on a carbon susbstrate.  Testing conditions included a 

transmembrane pressure difference of 0.2 MPa.  It was found that the highest caffeine 

rejection for both materials occurred near the supercritical point.  The formation of 

clusters containing a caffeine molecule surrounded by carbon dioxide molecules was the 

postulated reason for this effect.  In this case, the effective diameter of the CO2 cluster 

makes it too large for passage through the material.  The M5 material showed 100% 

rejection while the PC material showed a high of only 32%. 
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Afrane attempts a two step process, where ScCO2 extraction and later membrane 

based separation are integrated [35].  The solutes to be separated, 2,3-dimethlynapthelene 

and naphthalene, were first extracted into supercritical carbon dioxide.  The mixture was 

then led into a high pressure separation vessel containing a barrier of WA-U 

chromatographic alumina particles, which was the separation medium for these 

experiments.  Adsorption and diffusion coefficients for both species were measured at 

different pressures and temperatures, with adsorptive strength of the solutes being the 

most significant parameter in determining which species was enriched. 

 

The literature cited above have varying degrees of direct relevance to the present 

project.  However, they all give a sense of the breadth of separation challenges that exist 

in the supercritical arena.  As such, they are a good fundamental knowledge base that can 

be used in our separation studies. 
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Chapter 3:   Materials and Methods 

3.1 INTRODUCTION 

 

This chapter describes synthesis of the materials to be studied as well as the 

methods by which they are characterized.  Film preparation by solution casting and 

subsequent masking will be discussed.  The equipment and methods used to measure 

permeability and sorption are also covered.  Finally, other characterization techniques, 

such as Gel Permeation Chromatography (GPC) and Wide Angle X-Ray Diffraction 

(WAXD) that are used to determine intrinsic characteristics of the polymer are described.  

Together, the characterization techniques described within Chapter 3 can be used to (1) 

determine the transport properties of the polymer under process conditions and (2) 

explain these trends using intrinsic characteristics specific to the individual polymer. 

 

3.2 MATERIALS AND NOMENCLATURE 

 

3.2.1 Monomers and Polymers  

 

The monomers used in synthesis are shown in Table 3.1.   
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Table 3.1     Common name, structure, and supplier for the monomers used in polyimide 
synthesis 

 
Name Structure Supplier 

6FDA 

 

(4,4�-hexafluoroisopropylidene) 
diphthalic anhydride 

Lancaster 

DAM 

diaminomesitylene 

Aldrich 

DABA 

3,5-diaminobenzoic acid 

Aldrich 

 

The basic repeat unit of the synthesized copolymer is shown in Table 3.2.  As 

well, the repeat unit of the commercial polymer, Matrimid® is shown.  Matrimid® was 

used as a benchmark against which the polymers synthesized in-house were compared. 
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Table 3.2     Basic repeat unit of synthesized copolymers Matrimid®, and 6FDA-
DAM:DABA (m:n) 

 

3.2.2 Gases, Chemicals, and Solvents 

Gases were obtained first by Air Liquide at The University of Texas and later by 

Air Gas at the Georgia Institute of Technology.  Table 3.3 shows the gases used and the 

typical concentration of impurities present. 
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Table 3.3  Gases used in experimental set-up; T.H.C. = Total hydrocarbons 

Gas Minimum 
Purity (%) 

AirGas 
Grade 

Balance Composition (< x ppm) 

N2 99.99 Industrial Dew Point = �75°F; O2 < 50.0, 
T.H.C.< 5.0 

CO2 99.995 Research H2O < 5.0, O2 < 10, T.H.C < 5.0, 
N2< 20, CO<5 

CO2 99.9999 SFC / SFE T.H.C< .001, H2O < .250  
He 99.9999 Research H2O < 0.2, T.H.C.< 0.1, O2 < 1.0, 

CO2 < 0.1, Ar < 0.5, Ne<0.5,  
N2 < 1 

Air N/A UHP/Zero 
Grade 

T.H.C.< 0.1 

H2 99.9995 Research Ar < 2, CO < 1, CO2 < 0.5, H2O <1, 
N2 < 5, O2 <1, T.H.C < 0.2 

CO2 / 
PhOH 

99.99 / 00.01 Specialty Mix  

 

Phenol (CAS# 108-95-2) was purchased from Aldrich Chemicals at 99.99% 

purity and used as is.   

 

The solvents used in polyimide synthesis were N-Methyl-2-Pyrrolidone 

(NMP�99.5%) (CAS# 872-50-4), triethylamine (TEA�99.5%) (CAS# 121-44-8), and 

acetic anhydride (AcAN�99.5%) (CAS# 108-24-7).   Solvents used in solution casting 

were tetrahydrofuran (THF�99.9%) (CAS# 109-99-9) and dichloromethane 

(DCM�99.9%) (CAS# 75-09-2).  They were all purchased from Aldrich Chemicals.   

 

3.3 POLYMER SYNTHESIS 

The synthesis of soluble 6FDA-based polyimides has been described in the 

literature [1].  This is a two step polycondensation process in which the first step 
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produces a high molecular weight polyamic acid, while the second serves to close the 

ring, producing the chemically stable polyimide (Figure 3.1).   
 

 

Figure 3.1.    Two step condensation process for polyimide synthesis.  Step 1 includes 
poly(amic acid) formation while Step 2 includes the ring closeure and imide 
formation. 

In the initial step, stoichiometric amounts of dianhydrides and diammines were 

dissolved in NMP and allowed to react overnight at ambient temperature.  During this 

step of the reaction, water was a particular concern, because it can hydrolyze the 

dianhydrides, which alters the stoichiometry and prevents the creation of a high 

molecular weight polymer.  To eliminate the threat of water contamination, all glassware 

was dried thoroughly and later flamed with a propane torch before the monomers were 

added.  In addition, the solvent, NMP, was dried using Zeolite 4A Molecular Seives 

(Aldrich Chemical).  As well, the reaction was run under a nitrogen purge to expunge the 
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water condensate molecules that were a byproduct of the condensation reaction.   To 

further ensure good initial monomer stoichiometry, the monomers were purified via 

sublimation under vacuum at 3°C below their melting points.   

  

The resulting copolymer was expected to have a random diamine sequence 

distribution due to the equilibrium nature of the reaction and from experimental studies 

[2].  In the second step of the reaction, the now viscous polyamic acid solution was 

diluted via NMP, heated to 100°C, and reacted for an hour in the presence of  triethyl 

amine and acetic anhydride.  This reaction works to close the ring structure of the 

polyamic acid in order to form a polyimide.  The triethyl amine acts as the reaction 

catalyst while the acetic acid reacts with the water condensation byproduct to ensure that 

the equilibrium is shifted toward reaction product.  Once the imidization was complete, 

the polymer product was recovered in a methanol / water mixture, dried in the synthesis 

hood overnight, and later dried under vacuum at 100°C for 24 hr.  A detailed synthesis 

procedure is provided in Appendix A.  

 

3.4 FILM CASTING  

 

The casting procedure applies to both the Matrimid® and 6FDA-based polymers.  

Before casting, the polymers were dried at 100°C in a VWR 1415M vacuum oven 

overnight.  A 1 � 4 wt% THF based polymer solution was then made, and was placed on 

a roller for approximately 1 hour to ensure complete dissolution.  The solution was then 

placed in a glove bag, which was purged with N2 for 30 minutes to flush out residual air 

and solvent in the encased atmosphere.  After the atmosphere was saturated with THF, 

which helps control evaporation rate, the solution was cast into a Teflon dish using a 20 
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ml glass syringe (Micro-Mate) with a Whatman 20µm filter attached to the outlet tip.  To 

ensure accurate thickness measurement, a smooth finish on the Teflon dish was required.  

A funnel whose outlet was plugged with a kimwipe and taped with aluminum foil was 

placed over the polymer solution to further control the evaporation rate.  Figure 3.2 

shows a schematic of the casting set up.   

 

This combination was allowed to sit until all residual solvent had evaporated, and 

the polymer had a vitrified appearance.  The film was then lifted from the Teflon® dish 

and dried under vacuum for 12 hours at 100°C and then for 24 hrs at 120°C to eliminate 

all remaining solvent. 
 

 

Figure 3.2.  Saturated environment for membrane casting  
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3.5 MASKING 

Since it was not always possible to obtain an experimental membrane with a 

defect free area as large as the o-ring in the permeation cell, we have found it useful to 

�mask� the film using an impermeable material (Figure 3.3(1a)).  This enables 

characterization using only small portions of the membrane at one time.   

 

Figure 3.3.   1a.  Prepared masked membrane; 1b.  Stainless steel permeation cell to 
house membrane for testing.   
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For high permeability materials and when material brittleness is not an issue, a 

simple masking technique was employed.  In this technique, a piece of film was 

sandwiched between two layers of aluminum with a diameter larger than the permeation 

cell outer o-ring [3].  One or both of the layers were backed with an adhesive.  A two part 

epoxy (e.g. Devcon®; ITW Devcon, Danvers, MA) was used to seal the interface of the 

aluminum tape and the film.  Assuming leakage to the downstream only occurs through 

the area of the o-ring exposed above the groove (0.00375� at 25% compression) and 

through the average thickness of that compressed o-ring (0.131�) at a permeability of 

2.26 Barrer (O2 through a fluorocarbon o-ring [4] the expected leak rate for a sandwich 

masked film is 9.22×10-9 ccSTP/s (not including system leaks).  Using this masking 

technique, a leak rate (including system leaks) of 5.88×10-7 ccSTP/s was obtained [5].  

This higher than expected leak rate could be the result of an imperfect seal between the 

metal and the o-ring which could increase the leak rate substantially. As well, an 

improperly sized (smaller) o-ring could possibly expand into the wide groove when 

compressed, resulting in a poor seal.  For low permeability materials, this leak rate could 

affect transport results, so other masking technique have been developed [5].  However, 

for the high permeability materials tested here, leak rates using this masking procedure 

are typically less than 0.1% of the flux through the membrane, and are therefore 

negligible. 

  

Once the membrane was masked using the methods described above, the epoxy 

was allowed to cure overnight.  The masked material was scanned with a scanner, and 

then the transport region of the film was measured using the image processing software, 

Scion Imaging (Scion Corporation, Frederick, MD).  As well, the film thickness was 

measured using a micrometer (AMES).  This assembly was then placed in a cell (Figure 
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3.31b), inserted into the permeation system, and vacuum was pulled on the downstream 

for approximately 15 minutes.  At that point, the upstream was also concurrently 

evacuated.  The entire system with the membrane film was left under vacuum at testing 

temperature for 15 - 18 hours.  

 

3.6 PERMEATION SYSTEM 

A general schematic of a typical permeation system used for transport 

measurements is included in Figure 3.4.   
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Figure 3.4    Temperature controlled permeation system.  (1) CO2 cylinder, (2) ISCO 
pump, (3) Feed valve, (4) Upstream ballast volume, (5) Stainless steel 
permeation cell, (6) Upstream pressure transducer, (7) Fan, (8) Heating 
element, (9) Insulated sheet metal enclosure for permeation system, (10) 
Downstream ballast volume, (11) Downstream MKS pressure transducer, 
(12) Downstream valve to vacuum pump and gas chromatograph, (13) 
Retentate valve. 

A very detailed procedure for the operation of a permeation system is well cited 

[3, 5, 6]; therefore only the most pertinent information is included here. The system in 

Figure 3.4 is a constant volume variable pressure system, where the steady state flux of 

penetrants through the masked film causes a linear pressure rise with time that can be 

used with equation (3.1) to calculate the permeability of the material.   
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     (3.1) 

where dt
dp

 (psi/min) is the change in pressure with time, V is the downstream 

permeate volume (cm3), l is the membrane thickness (mil), A is the area of the membrane 

(cm2), T is the temperature (K), and ∆P is the pressure differential across the membrane 

(psi). 

 

As discussed previously, a masked membrane was inserted into the system, and 

vacuum was pulled for 15 - 18 hours. This is to de-gas the film and to eliminate any 

water that is sorbed onto the stainless steel equipment. De-gassing residual O2, N2, and 

CO2 from the film typically takes less than 10 minutes.  Total water desorption nominally 

only takes a few hours; however, as a safety measure, the total vacuum time was always 

taken to be 15 � 18 hours. Before an experiment commenced, a residual leak was 

obtained.  This was done by shutting the vacuum to the downstream portion of the 

system, and measuring the pressure rise with time due to atmospheric leaks into the 

system.  Leak rates of less than 1% of the permeate flux were accepted, though the 

majority of the leaks rates were less than 0.1% of the permeate flux.   

 

Once a leak rate was measured, a feed stream was introduced via valve 3 (Figure 

3.4) to the upstream face of the membrane, which was situated in a high pressure 

permeation cell (�5� in Figure 3.4).  For mixed gas feeds, a 1% stage cut (ratio of the 

permeate to feed flow rates) was desired.  This flow was controlled using the vent 

metering valve. This prevented concentration polarization at the upstream face of the 

membrane to ensure a constant driving force across the film.  Once gases were introduced 
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on the upstream face of the membrane, the system was allowed to equilibrate.  Steady 

state was typically reached within less than an hour of gas introduction.  However, for 

pressures less than the plasticization pressure, 4 � 8 hours were allowed to elapse before 

permeability measurements were made to detect any long term non-Fickian relaxation 

tendencies.  Once the material begins to plasticize, it is in a state of non-equilibrium, and 

often does not show stable permeabilities with time even after extensive equilibration 

with the feed.  To ensure consistency in evaluation of the material above the 

plasticization pressure, measurements were taken after 24 hours.  

 

The permeate was captured in a downstream reservoir (�10� in Figure 3.4), and its 

pressure rise measured with a MKS 100 torr transducer.  For mixed gas feeds, the 

captured permeate was expanded to the GC via valve 12.  For early mixed gas testing, the 

permeate composition was measured with a HP 5890A gas chromatograph, fitted with a 

Hayesep-R  (Supelco) packed column.  The column temperature was kept between 80°C 

and 120°C and the TCD (thermal conductivity detector) temperature was 200°C.  Details 

of the mixed gas permeation system design have been previously reported [7].  Ultra high 

purity helium was used as the carrier gas; three replicates of the selectivity were taken to 

ensure the accuracy of the analysis at each pressure.  For the final mixed gas system, an 

Agilent 6890 GC was purchased, fitted with an HP-5 capillary column (5%-phenyl 

column based on diphenyl methylsiloxane chemistry), and both a TCD and an FID (flame 

ionization detector).   
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3.7 HIGH PRESSURE PERMEATION APPLICATIONS 

3.7.1 Valving 

 

Much of the previous discussion is relevant for low pressure permeation 

equipment.  However, when dealing with high pressure systems (pressures > 1000psi), 

several important aspects must be considered.  Low leak, low pressure permeation 

equipment often have been reported based on Swagelok® Nupro bellows seal valves 

which are rated to 1000 psi.  For higher pressure applications, where contaminants are not 

an issue, Swagelok Whitey or Swagelok Whitey Severe Service valves, which are rated 

to 5000 psi and 10,000 psi respectively, are useful.  However, the stems on these valves 

often have either a silicone or hydrocarbon based lubricant on their stem tips that can 

contaminate the process stream when exposed to supercritical streams that can extract 

trace amounts of these compounds.  A cleaner approach that again makes use of a 

bellows seal valve is the Swagelok® Nupro UW series valves.  These valves are only 

rated to 2500 psi, but provide a good seal, and will not introduce new contaminants into 

the system.  These were the valves of choice for the high pressure equipment used at GA 

Tech.   

 

3.7.2 Feed Supply System 

 

While many �permanent� pure gases can be bought in cylinders at pressures up to 

6000 psi, obtaining high pressure mixtures and high pressure carbon dioxide 

commercially pose a challenge because of safety considerations of the former and the 

complex configuration of the latter.  Several pressurization schemes can be used to 
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achieve feed streams of desired pressures.  The first method involves purchasing a 

cylinder from a gas company (Air Gas, etc) with a pressurized helium bed on top of the 

carbon dioxide to generate the desired feed pressure.  This method is not convenient 

because a constant supply of high pressure helium must be available. As well, a small 

amount of helium does dissolve in the CO2, which can complicate the analysis of 

experiments [8].  

 

Boosting the pressure using a mechanical device is a convenient way to obtain the 

desired pressures of carbon dioxide and other mixed gases.  The first mechanical pressure 

booster employed was a Haskell 32/62 pneumatic booster pump.  To operate, this pump 

requires 90 psig of compressed air drive pressure flowing between 45 and 60 scfm.  A 

supplied feed gas pressure of 500  � 900 psi was required. The output pressure of the 

pump is controlled by the pressure of compressed air that is sent to the piston as well as 

by the pressure of the feed gas that is supplied to the pump. Using the booster pump, 

control of pressure to within 5 psi was achieved.  A drawback with this system was that 

the final pressure that was attained could not be merely �dialed� in.  Fine adjustments had 

to be made to the compressed air pressure and the feed gas pressure to achieve the desired 

final pressure.  Several in-line regulators in combination with large upstream ballast 

volumes can be used to help control pressure pulsations in the line and to assist in fine 

adjustment of the final operating pressure.   
 

To attain a more stand alone system with more accurate pressure control, an ISCO 

500D syringe pump fitted with a digital controller was employed.  This pump is rated 

nominally to 10,000 psi, and can be programmed to sustain pressures to within 3 psi.  An 

additional advantage to this system is that quite accurate control of changes following 
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initial pressurization is possible - the new desired pressure is merely keyed into a 

controller, and a new pressure is consequently established. Temperature control of the 

contents inside the ISCO is possible via a heating jacket surrounding the barrel of the 

pump.  Because fluctuations in pressure are not encountered and because the internal 

temperature of the contents inside the ISCO barrel can be controlled, the ISCO barrel can 

be used as the sole upstream ballast, eliminating the need for a ballast volume (#4 in 

Figure 3.4) in the permeation system. 

 

3.8 SORPTION 

3.8.1 Dip Tests 
 

Sorption of phenol in the polyimide was of great interest since the effects of bulk 

flow depend strongly on the weight fraction of the minor component in the material.  Dip 

tests [9] were done as a preliminary means of data acquisition.  In this method, pre-

weighed pieces of film were placed into jars containing different weight fractions of 

phenol in an essentially non-interacting solvent.  For polyimide materials, this solvent 

was hexane, while for the silicone rubber, it was water.  Prior to use, the 3-mil films were 

dried in a vacuum oven overnight to drive off residual water and solvent.  These pre-

weighed films were placed in solutions of different phenol concentrations and allowed to 

sit for 12 hours.  They were then taken out of solution, wiped three times with a kimwipe, 

and weighed on an Ohaus Explorer E0RR80 scale.  The films were placed back into 

solution for another 24 hours.  This process was repeated until no further weight change 

in the film was detected.  The film was then allowed to sit for an additional night to 

completely ensure equilibrium had been reached.   
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Each test was repeated two times for completeness and reproducibility, with an 

inherent error of about 10%.  Control tests were done in pure solvent and pure solute to 

investigate their individual effects on the materials. Care was also taken to ensure that the 

volume of solution was large enough to prevent change in phenol concentration due to 

sorbate uptake in the film.   

 

3.8.2 Quartz Spring 
 

While the dip tests were taking place, the quartz spring technique originally 

developed by McBain [10] was also investigated to determine whether the equipment and 

procedures could be modified to generate equilibrium vapor sorption isotherms for 

phenol, a very low vapor pressure solute.  Figure 3.5 shows the McBain spring balance 

system with its supporting equipment in detail.   
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Figure 3.5  Quartz spring apparatus 

 

The sorption apparatus is vacuum tight and its main components are a pressure 

transducer, quartz spring, vapor-source vial, jacketed sorption chamber, and a vacuum 

pump.  A film weighing approximately 10mg was placed on a calibrated spring (Ruska 

Instruments), which is located in a temperature controlled sample chamber.  The springs 

are rated to a maximum load of 100 mg and a maximum extension of 100 mm.  The 

system was evacuated for two nights, and then the leak rate was determined by closing 

the vacuum valve (valve 2), and recording the rise in pressure with time.  The diluent, in 

our case, phenol, was then placed in a small tapered holding volume that is attached to 

the quartz spring via valve 3.  After shutting the valve to the sample chamber (valve 1), 

the valve to the diluent holder was briefly exposed to vacuum, so that residual air in the 

holder could be evacuated.  Valve 3 was then closed; Valve 1 to the sample chamber was 
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opened. The system was evacuated as the diluent holder was brought up to process 

temperature.  The vacuum valve was then closed, and the appropriate amount of diluent 

was added, as can be monitored by the pressure in the system.  As the sample sorbs the 

solute, it gains mass, and the spring elongates.  This elongation is measured with a 

cathetometer (Bausch and Lomb). Using the final length of the spring, along with 

Hooke�s law, the sorbed concentration of phenol can be calculated [11-13]. 
 

3.8.3 Spectroscopic Ellipsometry 

 

Spectroscopic ellipsometry is a commonly used technique [14] for analyzing 

polymer thin films because of the speed of measurements as well as the automation of 

data collection.  Its functionality has been extended to the quantification of sorption and 

swelling of CO2 in polymers by Sirard et al [15-18].  By looking at the change in the 

refractive index of polarized light after it is reflected off a planar surface, the thickness 

and refractive index of swollen polymer films in high pressure environments can be 

simultaneously measured [19].  Figure 3.6 shows a schematic of the high pressure in-situ 

apparatus.   
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Figure 3.6  High pressure in-situ apparatus for ellipsometric measurements [15]. 

 

Polymer coated silicon wafers were utilized for the measurements.  Prior to use, 

the 1X1 cm silicon wafers were cleaned in a pirana solution at 110°C for 30 min and then 

rinsed with dionized water [15].  The wafers were then dried with nitrogen gas and placed 

in a vacuum oven at 40°C for 2 hrs. The native oxide of the wafers were measured and 

found to be between 1.5 and 2 nm for all samples considered here. 

 

A photoresist spinner (Headway Research, Inc) was used to spin the 2-methyl-4-

pentanone (99% Aldrich) (CAS# 110-12-3) based solution of polymer onto the wafer.  

The wafer, with its 100nm thick polymer, was placed in a vacuum oven for 2 hr to 

remove any residual solvent.  
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experiments.  Once the sample was loaded in the cell, CO2 (Matheson Gas Products > 

99.99%) was charged into the cell using a manual pressure generator (RUSKA 

Instrument Corporation). Equilibrium was attained when the ellipsometric angles did not 

vary with time.  This time was typically less than 10 minutes.  The temperature of the cell 

was 50°C.   A four layer optical model (Figure 3.7) was used to model the swollen 

polymer films.   

 

 

Figure 3.7  Four layer optical model for modeling the swollen polymer films 

 

The refractive indices as a function of wave length were fixed from literature 

values for the CO2 [20], native oxide [21], and the silicon substrate [22].  The refractive 

index of the swollen polymer was then modeled as a function of wavelength by assuming 

the Cauchy dispersion relationship [14] shown in equation (3.2).   
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3.9 FRACTIONAL FREE VOLUME DETERMINATION 

 

The calculated fractional free volume of a polymer provides a measure of the 

degree of packing between polymer segments; i.e. the �openness� of the polymer.  This 

parameter is the ratio of the specific free volume of the polymer to the specific volume, 

and is calculated according to the method put forth by Lee [23].  The specific free volume 

is the difference in the experimentally measured specific volume and the specific 

occupied Van der Waals volume given by Bondi and determined via the group 

contribution method [24].   

 

3.10 GEL PERMEATION CHROMATOGRAPHY (GPC) 

 

The molecular weights of the polymers that were synthesized in the laboratory 

were measured via gel permeation chromatography.  The instrument used at GA Tech 

was outfitted with American Polymer Standards 100 Å, 1000 Å, 105 Å and 5 µm 

columns, using THF as the working solvent. 

 

  The gel permeation method is a process for fractionating polymers according to 

their size [25].  A dilute solution of polymer in the working solvent is made and injected 

into the instrument.  This solution passes through several different columns which are 

configured in series.  Each column is filled with finely packed solid particles which have 

a characteristic pore size.  Because of random thermal motions, molecules that are 

smaller than the characteristic pore size will enter these pores and be retarded relative to 

the rest of the eluting solvent.  By using several columns in series, each with its own 

characteristic pore size, good fractionation of the polymer solution is possible.  The 
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molecular weights can be determined from elution time by comparison to a calibration 

standard, whose size / elution times for the particular column configuration have already 

been determined.  Polystyrene and poly(methyl methacrylate), commonly used standards, 

were used here. 

 

3.11 IR SPECTROSCOPY  

 

IR spectrum of 2-3 mil thick polyimides were generated using Bruker IFS 66v/s 

instrument with a Glowbar source and KBr beam splitter.  128 scans were performed at a 

resolution of 4 cm-1.   

 

Infrared (IR) absorption is a well known technique [26, 27] in which a beam of 

infrared radiation of constantly varying frequency is passed through a sample, and the 

decrease in the incident beam resulting from transmission through or reflection from a 

specimen is measured.  By comparing the resultant spectrum with spectra of known 

molecules, key functional groups can be identified.    

 

3.12 X-RAY PHOTOELECTRON SPECTROSCOPY (XPS) 

 

X-ray photoelectron spectroscopy (XPS) provides quantitative information about 

atomic elemental compositions present on a material surface.  The instrument that was 

used is the Surface Science Small Spot ESCA Spectrometer, Model SSX-100.  A 

monochromatic aluminum K alpha x-ray source was used with a take off angle (w.r.t 

surface normal) of 55 degrees  
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This technique is based on the analysis of electrons emitted from a material as a 

result of incident X-rays [27].  It is widely used to determine the elemental composition 

of the surface of a solid and to obtain information on the chemical state of elements.  This 

is typically limited to surface analysis, as only the photo electrons from the top 2 � 5 nm 

of the surface escape and are detected.   

 

3.13 WIDE ANGLE X-RAY DIFFRACTION 

 

Wide angle X-Ray diffraction (WAXD) was used to determine a qualitative 

measure of interchain spacing differences in our polymers.  The measurements were 

performed at room temperature using a Philips PW1800 X-Ray diffractometer.  Cu-Kα 

radiation with a wavelength of 1.54Å was the X-Ray source. The generator tension and 

current was 40 kV and 30 mA, respectively.  All samples were scanned continuously with 

a step size of 0.010° and the intensity measured at each step for 5 s.  The raw data was 

then smoothed using a moving average with a window size of 1° to obtain the final 

WAXD patterns for all samples. 

 

The interchain spacing between polymer segments can be estimated using the 

Bragg equation [28]: 

 

   θλ sin2dn =       (3.3) 
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where d is the interchain spacing, θ is the diffraction angle, λ is the x-ray 

wavelength, and n is an integral number.  The average d spacing is determined from a 

polynomial curve in the region of the main peak. 

 

3.14 GLASS TRANSITION TEMPERATURE  

 

The glass transition temperatures (Tg) were measured using a DSC (Differential 

Scanning Calorimetry) with a heating rate of 10°C/min under a N2 purge. To eliminate 

artifacts due to the polymer�s thermal history, only the curve generated in the second run 

was used to determine the Tg. 

 

In differential scanning calorimetry, two metal pans are heated by individual 

electric heaters.  The polymer sample is held in one pan while the other is empty.  Both 

are to be kept at the same temperature.  During the heating process, the polymer will 

absorb a large amount of heat during its glass transition, which will be compensated by 

the instrument in the way of greater current flow to the pan in an effort to keep the 

temperature constant [25, 27].  This change in electric flow is monitored closely, and 

provides a measure of the glass transition.   

 

3.15 POLYMER DENSITY 

 

  Densities of the polymers were measured at 35°C using a Techne DC-4 density 

gradient column with aqueous Ca(NO3)2 solutions.  This technique is dependent upon the 

hydrostatic equilibrium between a solid specimen and a liquid of identical density [29].  
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The aqueous Ca(NO3)2 column was created to have a linear density gradient.  Calibrated 

glass floats of different densities are introduced into the column from which a calibration 

curve can be developed.  A polymer sample placed in the column will descend until it 

reaches the level where the density of the liquid is equal to that of the sample.  From the 

calibration curve, the density of the unknown sample can be ascertained. 

 

 

 

3.16 REPRODUCIBILITY AND ERROR ANALYSIS  
 

Based upon previously established studies [6] utilizing propagation of error 

analysis, the reproducibility of permeability measurements between samples is about 7% 

and that of selectivity is close to 3%.  This seems quite reasonable given the multitude of 

factors that could produce errors in the experimental data, including thermal history of 

the polymer, solvent choice for film casting, temperature fluctuations during permeation 

experiments, system to system temperature differences, as well as error in membrane 

thickness and area measurements.  Although these factors are kept to a minimum, they 

are important to keep in mind when looking at reproducibility of experimental data.  Dip 

test sorption had an error of approximately 10% of the absolute uptake because of the 

inherently imprecise nature of the procedure.   

 

The majority of pure and mixed gas experiments were replicated twice to ensure 

reproducibility, as were the dip and quartz spring sorption tests. 
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Chapter 4: Characterization with Pure Carbon Dioxide 

4.1 INTRODUCTION 

The first step in developing polyimide materials for high pressure CO2 separations 

involved characterizing the synthesized membranes in the presence of pure carbon 

dioxide.  The benchmark for these studies was a commercially available polyimide 

Matrimid®, against which the performances of the 6FDA-based materials were compared.  

This chapter presents the results from these studies as well as an analysis of unexpected 

phenomena that were encountered and final conclusions regarding the use of polyimide 

materials for high pressure separations. 

 

4.2 MATRIMID CHARACTERIZATION 

Figure 4.1a presents permeation results for Matrimid® when characterized with 

high pressure CO2.  
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Figure 4.1    Matrimid tested at 50ºC with pure CO2.  (a)  The blue diamonds represent 
the data points for the polymer.  (b)  The pink squares are extrapolated 
permeabilities based on data reported by Bos et al. for Matrimid at 35ºC. 

 

Since these tests began at 350 psi, where saturation of the microvoids was 

complete, no initial downturn in permeability with increasing pressure is exhibited.  

However, as can be seen from the figure, the permeability of the material is not constant, 

but increases with increasing pressure.  This is an indication that plasticization is 

occurring, which is quite common for highly swelling components such as carbon 

dioxide.  Since this was the first material that was characterized in a new, modified, high 

pressure system, it was important to compare the low pressure results to literature data.  

For reference, this data (which was taken at 50°C) was compared to literature data taken 

at 35°C [1].  The values at lower pressures (350 � 750 psi) were compared  taking into 

account the shift in temperature by using an activation energy of 2.28 kcal/mol measured 

for Matrimid® by Thundyil [2] at 100 psi CO2. The calculated values were within 12 % of 
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those obtained experimentally (Figure 4.1b), which is quite reasonable.  With the 

successful benchmarking of the commercially available Matrimid®, characterization of 

the 6FDA-based polyimides was initiated.   

 

4.3 6FDA-DAM POLYIMIDE  

 

The 6FDA-based polyimides were characterized in the same manner as the 

Matrimid. Figure 4.2 below shows a permeability versus CO2 pressure plot for 6FDA-

DAM.  
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Figure 4.2    Permeability versus increasing CO2 pressure at 50ºC for 6FDA-DAM 
polyimide 

 

 Productivity measurements were initially made at low enough pressures so the 

saturation of Langmuir sites, corresponding to an initial decrease in permeability with 

increasing pressure was observed between 150 and 300 psi.  The minimum in this part of 

the curve corresponds to the plasticization pressure of the material, which in this case 
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appears to be ~ 300 psi, based on the data points collected here.  However, to most 

accurately pinpoint the plasticization pressure of a polymer, many data points in the 

vicinity of this pressure (between 150 and 500 psi) should be measured.   Since the 

response of the polymer to high pressure CO2 feeds, and not the plasticization pressure, 

was focus of these experiments, the low pressure region was only studied for 

completeness, to ensure that the measured and earlier reported permeabilities were close 

to one another over the range that had been studied previously.  A difference of 10% 

between the reported permeabilities [3] was seen, which was within acceptable limits 

given the higher temperature of the current measurements, and because of differences in 

material thermal history and treatment.  In any case, from 300 � 1000 psi, permeability 

increased with increasing pressure, which is characteristic of a material undergoing 

plasticization. 

 

Surprisingly, from 1000 psi - 1500 psi, an odd response was observed.  At 

pressures greater than 1000 psi, the productivity of the 6FDA-DAM material decreased 

44% from a peak value of 530 Barrers at 1000 psi to 300 barrers at 1500 psi.  This 

response is atypical for a thick polyimide material, and therefore several measurements 

were made on this polymer to ensure repeatability of results.  These productivity 

experiments were conducted in a total of three different permeation systems, with a 

sample of responses presented in Figure 4.3 below:     
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Figure 4.3     Plot of normalized 6FDA-DAM permeability for different samples at 50ºC 
with pure carbon dioxide.  Each symbol represents a different sample tested 
in different pure gas systems.  The dashed line represents a conventional 
expected plasticization response. 

In this figure, the ratio of the permeability, P, to that at the initial testing pressure, 

Po, is plotted against increasing CO2 pressure.  As can be seen, with each different 

material, the permeability initially increased after the onset of plasticization, but then 

consistently began to decrease as the pressure was increased past 1000 psi. Differences in 

the magnitude of P/Po are due to specific conditioning effects of the particular polymer 

sample investigated, since the glassy polymer is a non-equilibrium, history dependent 

material.  As plasticization of the polyimide begins to occur, the measured permeabilities 

are no longer constant and are functions of the conditioning time and pressure intervals.   

Figure 4.4 below shows the permeability rise as a function of time for the polymer 

6FDA-DAM at a pressure of 600 psi of pure CO2.    
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Figure 4.4     Normalized permeability for 6FAD-DAM at 600 psi CO2 pressure over a 
period of 8 days 

Because of this phenomena, it is useful under such extreme exposure conditions, 

to define a set time following exposure to the feed when a permeability measurement is 

taken, as well as how long a polymer is exposed at a pressure before being raised to the 

next test pressure.  As long as the method is consistent, it is possible to compare the 

absolute values of permeabilities between different polymers.  In the case of Figure 4.3, 

the purpose was to see whether the decrease in permeability initially observed was indeed 

reproducible in several systems using samples from different synthesis batches, not to be 

able to compare the absolute magnitudes of the permeability increases.  Because of the 

time required to generate a complete curve (10 � 12 days for a pure pressurization curve, 

if not pinpointing a plasticization pressure; 16 � 18 days to pinpoint plasticization 

pressure), and the initial lack of understanding with regard to the processes involved, 

conditioning times and pressures were not perfectly consistent.  Therefore Figure 4.3 

should be considered only as a qualitative set of trends, which indicate that (1) the 

tendency for a decrease in permeabilities to occur above some pressure are reproducible 
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in different systems and with different synthesis batches, and (2) all productivity declines 

began between 900 and 1000 psi.   

 

Once the qualitative repeatability of results had been established, a full run 

spanning a total of 6 weeks was done which looked at the productivity of the 6FDA-

DAM polymer upon pressurization, de-pressurization, followed by yet another 

pressurization.  Figure 4.5 presents the results of this study: 
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Figure 4.5     Total response of 6FDA-DAM polyimide at 50ºC with pure carbon dioxide:  
(a) the diamonds represent the pressurization response, (b) the squares 
represent the de-pressurization response, (c) the triangles represent the re-
pressurization response. 

 

 Upon pressurization, a typical increase in productivity with an increase in 

pressure was seen, until the pressure reached 1000 psi.  At that point, the permeability 
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began to decrease until the final pressure of 1500 psi was reached.  At this point the 

pressure was slowly decreased in 50 � 100 psi increments.  After each decrease in 

pressure, the polymer was allowed to sit for 24 hours before a measurement was taken.  

Clearly, the permeabilities tracked around the 200 Barrer mark until the pressure was 

decreased to 150 psi and below, after which the system was evacuated for 3 days before it 

was re-pressurized, and further productivity measurements were taken.  As can be seen 

from Figure 4.5, the permeabilities upon re-pressurization were steady to 600 psi at 

around 95 barrers.  It appears, therefore, that a stabilization of the sample has been 

induced by the exposure to high pressure CO2.   

 

Several interesting notes about the depressurization and re-pressurization steps are 

worth mentioning.  The first is that a typical hysteretic response that would be expected 

for a polymer that is being de-pressurized from a high pressure CO2 environment is 

shown in Figure 4.6 below for a related 6FDA based polymer. 
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Figure 4.6    Typical de-pressurization response for 6FDA-based polyimide. (a)  Blue 
diamonds represents a pressurization response.  (b) Green squares represents 
the de-pressurization response. 

In this figure, the blue diamonds represent the pressurization / plasticization 

response, while the green squares represents the de-pressurization hysteretic response [4].  

The increase in permeability upon de-pressurization is due to an increase in excess 

volume of the swollen polymer as a result of the CO2 de-sorbing from the polymer, 

leaving it in a �puffed up� state.  Similar non-equilibrium hysteretic responses have been 

shown to be totally stable for Lexan® polycarbonate over two months if a 

depressurization system is halted at a specific pressure, say 500 psi [5].  In Figure 4.5, 

there is no hysteretic response, which seems to indicate that the polymer is in a different 

state induced by the high pressure CO2.  Moreover, the productivity of the 6FDA-DAM 

polymer upon re-pressurization is about a quarter of the initial productivity, which is not 

typical of a re-pressurization response under normal conditions.  Even more surprising, 

an upswing in permeability with increasing pressure is still not present in the polymer at 

600 psi.  This suggests that the polymer is in a new pseudo-equilibrium state, which is 

resistant to plasticization at pressures up to 600 psi.   

 

4.4 6FDA-DAM:DABA COMBINATIONS 

 

In addition to the 6FDA-DAM films, 6FDA-DAM:DABA 4:1 and 6FDA-

DAM:DABA 2:1 were also characterized in a pure CO2 environment.  The results of 

these experiments are shown below in Figures 4.7 and 4.8. 
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Figure 4.7     Pressurization response for 6FDA-DAM:DABA 4:1 with pure CO2 at 50ºC.  
The drop in permeability was measured over a 10 day period.  A 40% 
decrease in permeability was observed for the polymer as it sat at 1500 psi. 

 

6FDA-DAM:DABA 2:1

0
50

100
150
200
250
300
350
400

0 500 1000 1500 2000

Pressure (psi)

Pe
rm

ea
bi

lit
y 

(b
ar

re
rs

)

 

Figure 4.8     Pressurization response for 6FDA-DAM:DABA 2:1 with pure CO2 at 50ºC.  
The drop in permeability was measured over a 10 day period.  A 15% 
decrease in permeability was observed for the polymer as it sat at 1500 psi. 
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While both materials showed a decrease in permeability with an increase in 

carbon dioxide pressure, several interesting points should be addressed.  The first is that 

the 6FDA-DAM:DABA 4:1 exhibited a maximum in permeability at 1100 psi, before 

beginning its permeability collapse.  Over the course of 10 days, the permeability of the 

4:1 material dropped from a high of 360 to a low of 220, a total loss of almost 40%.  The 

6FDA-DAM:DABA 2:1 material, on the other hand, showed a maximum in permeability 

at 1500 psi, and declined from 350 barrers to 300 barrers over the course of 10 days.  

This is only a decline of 15%, which is markedly lower than the declines in 

permeabilities experienced by the previous two polymers.   

 

4.5 INVESTIGATION OF OBSERVED PHENOMENA 

 

Based on the above findings, a hypothesis was formulated which postulated that 

the interactions of the carbon dioxide, at high sorption levels, caused increased polymer 

chain mobility, which resulted in a fundamental change in the polymer.  The increased 

chain mobility appears to have allowed the polymer segments to relax towards a more 

stable equilibrium state that is not observed typically for plasticized glassy polymers.  

This results in a decrease in polymer chain spacing and total free volume in the material.  

Figure 4.9 shows a schematic of this hypothetical process, whereby a polymer, which is 

initially at non-equilibrium state A is brought to non-equilibrium state B via CO2 

conditioning. 
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Figure 4.9  Schematic of polymer specific volume versus temperature.  The polymer is in 
an equilibrium state above the material Tg, which is represented by the 
dotted line, and is termed �rubbery�.  Below the Tg, the material is in a non-
equilibrium state, and is termed �glassy�.  The arrow represents the 
hypothetical process by which the free volume of the polymer is reduced 
through CO2 conditioning of 6FDA-DAM.    

The observed response would seem to be an accelerated aging process, which has 

been described for several high free volume polymers, such as PTMSP [6] and 6FDA-

durene [7].  However, the reported findings for these two materials were not in-situ 

studies. This in-situ conditioning phenomena, especially in the supercritical region, has 

been noted by Kulcke [8], Sarrade [9-11], and Ersolmaz [12].  Ersolmaz suggested 

competition between the swelling tendency, or free volume enlargement, of the polymer 

due to the presence of carbon dioxide and the free volume contraction due to hydrostatic 

pressure.  The permeability maximum occurs when the two effects are equal, after which, 

the volume contraction due to hydrostatic pressure is dominant.  The effects of 

hydrostatic pressure has been observed for experiments done on the rubbery polymer, 

PDMS [13] for helium and nitrogen; however, when the same experiment was done using 
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CO2 in PDMS, plasticization effects always dominated over any hydrostatic pressure 

effects, even to pressures of 900 psi. It is quite possible that hydrostatic effects could take 

over after 900 psi, but that pressure was merely not investigated.  This would be quite an 

unusual effect for glassy polymers; however, it might be possible that the polymers 

studied had such a high concentration of CO2 that they had experienced a solvent induced 

glass transition temperature.  This type of phenomena has been described by several 

researchers in the literature [14-19].  In the end, the suggestions made by Ersolmaz might 

be valid if the studied polyimides had undergone a solvent induced glass transition 

temperature and were now rubbery materials. 

 

To clarify the cause of this unusual productivity response to high pressure carbon 

dioxide, the effects of other non-interacting penetrants were investigated.  The 6FDA-

based polyimide was exposed to two different gases that were known to be non-

interacting.  Since both helium and nitrogen are commonly used test gases that interact 

minimally with the polyimides, they were used to characterize the films to conditions of 

1500 psi.  The following figure presents the results for 6FDA-DAM: 
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Figure 4.10  Permeability versus increasing pressure of nitrogen (blue diamonds) and 
helium (green triangles) at 50ºC for 6FDA-DAM.  A permeability decline 
with increasing in pressure was not observed.   

Since neither helium nor nitrogen plasticize or condition the 6FDA-DAM, an 

upswing in permeability with increasing pressure was not expected.  Indeed, the only 

variation in permeability with increasing pressure that might be expected would be a 

slight drop in productivity because of Langmuir site saturation.  As expected, the 

permeabilities are quite steady with increasing pressure.  This experiment (1) confirms 

that mechanical pressure alone was not responsible for the decrease in permeability and 

(2) seems to indicate that the interaction of a highly sorbing penetrant, in our case, carbon 

dioxide, is responsible for causing an irreversible change in the polymer�s physical state. 
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To more closely investigate the effects of this hypothetical lattice collapse, wide 

angle x-ray diffraction data was taken of both unconditioned and conditioned samples of 

6FDA-DAM.  The following figure shows the raw data generated from this exercise. 

 

 

Figure 4.11  Wide angle x-ray diffraction results for both unconditioned and conditioned 
samples of 6FDA-DAM polyimide samples. 

 

As was discussed earlier, wide angle x-Ray diffraction (WAXD) can be used to 

determine a qualitative measure of interchain spacing differences in our polymers. The 

average d-spacing of an amorphous polymer reflects the average interchain spacing, and 

this chain spacing can be correlated with the gas permeability in polyimides [20].  An 

average chain spacing of 5.9Å for the unconditioned sample and 5.4Å for the conditioned 

sample was calculated.  Table 4.1 below shows the corresponding permeabilities of each 

sample at 150 psi.   
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Table 4. 1     d-chain spacing extracted from WAXD data for unconditioned and 
conditioned samples of 6FDA-DAM.  The corresponding measured 
permeabilities at 150 psi pure carbon dioxide and 50ºC are reported. 

 
Sample Chain Spacing 

(Å) 
Permeability 

(Barrers) 
Unconditioned 5.9 412 

Conditioned 5.4 90 

 

The above results show that a measurable decrease in average chain spacing is 

observed between unconditioned and conditioned samples, which correlate very well 

with the decrease in polymer permeability.  

 

Because a high pressure (above 1000 psi) pressure-decay sorption apparatus was 

unavailable, sorption on both unconditioned and conditioned polymers was performed 

using ellipsometric means. For the conditioning process, the film was cast as described in 

Chapter 3.  It was then placed in a temperature controlled chamber that was filled with 

1500 psi of CO2 for 12 hrs.  The chamber was carefully vented, and the film was then 

placed in the high pressure ellipsometric cell for testing.  This series of experiments was 

conducted by Joseph Pham at The University of Texas at Austin [21].  

 

 Figure 4.12 below shows the swelling measurements of CO2 for both 

unconditioned and conditioned 6DFA-DAM polymers. 
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Figure 4.12  Swelling comparison of unconditioned and conditioned samples of 6FDA-
DAM.  This was done using ellipsometric methods by Joseph Pham at 
The University of Texas at Austin. 

 

As can be seen by Figure 4.12, the maximum swelling experienced by the 

unconditioned film was almost twice that experienced by the conditioned film, which is 

reasonable if the matrix had collapsed to a state that was more stable and resistant to 

swelling.   

 

4.6 DISCUSSION 

 

Thus far, what has been shown is that at high CO2 pressures, the 6FDA-based 

polyimides experience a �lattice collapse� which results in a decreased permeability, 

chain spacing, and swelling upon exposure to carbon dioxide.  Based on the above 

findings, it was postulated that the interactions of the carbon dioxide at high sorption 
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levels induced swelling and increased polymer chain mobility.  This increased chain 

mobility allowed the polymer segments to relax down towards their nominal equilibrium 

state.  To more fully explain why this observed phenomena is occurring, it is instructive 

to study the properties of each polymer and to seek correlations or generalizations. Figure 

4.13 [3] shows a plot of the change in Tg with increasing DAM content for 6FDA-

DAM:DABA polymers.  Increasing Tg is correlated with increasing chain stiffness in the 

polymer backbone, with inhibited torsional motion, which typically affects the diffusivity 

and diffusivity selectivity of permeating components.  It is interesting to note that 

Matrimid, which experienced no decrease in permeability, has the lowest Tg, while 

6FDA-DAM, which experienced the highest decrease in permeability with increasing 

CO2 pressure, has the highest Tg.  However, this trend does not explain why the 

phenomena is occurring.   
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Figure 4.13 Tg comparison for Matrimid and 6FDA-DAM:DABA samples.   
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High pressure carbon dioxide sorption measurements were not done on all 

polymers characterized in this study.  However, low pressure sorption experiments were 

done on 6FDA-DAM, 6FDA-DAM:DABA (2:1), and Matrimid by researchers in this 

laboratory, and give a good idea of differences in sorption tendencies of the polymers.  

Figure 4.14 shows a graph of sorbed CO2 concentration as a function of  CO2 pressure.  
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Figure 4.14   Sorption comparison between Matrimid and 6FDA-based polyimides using 
pressure decay method. 

 

 It can be seen that in the experimental pressure range, Matrimid® sorbs much less 

carbon dioxide compared to the 6FDA-DAM polymers.  However, the sorption levels of 

both 6FDA based materials were very similar up to 600 psi.  One possible explanation as 

to why Matrimid® did not experience a collapse in productivity is that it never sorbed 

sufficient carbon dioxide to be plasticized enough for chain mobility to allow the material 

to collapse.  Although this simplistic low pressure sorption picture does support the above 

hypothesis, the fact that the 6FDA-based polyimides have such similar CO2 sorption, but 
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experience differing degrees of lattice collapse indicates that another factor might be also 

involved in the observed declines of material productivity.   

 

Density measurements were taken of the 6FDA-DAM, 6FDA-DAM 2:1, and 

Matrimid materials, and the fractional free volumes of each were estimated.  These 

quantities are shown in Table 4. 2.  

 

Table 4. 2     Comparison of densities, fractional free volume (FFV) and decrease in 
permeabilities for select 6FDA based materials and Matrimid®. 

Material Density(g/cm3) FFV 
% Decrease in 
Permeability 

0 DABA 1.344 0.182 44 
33% DABA 1.404 0.175 15 

Matrimid 1.250 0.130 0 

 

The fractional free volume for these polymers is of particular interest because it 

provides a good indicator of the �openness� of the material [27].  This is usually 

correlated to a higher productivity of the tested materials.  It can be seen that the 6FDA-

based materials have 40% more free volume that Matrimid.  This trend of higher free 

volume materials experiencing a more profound collapse in lattice structure is reasonable, 

because these materials are further away from their equilibrium positions than materials 

with lower free volume. Hence, their driving forces toward equilibrium should be greater.  

If adequate sorption of a highly swelling agent is present, the chain mobility of the 

polymer segments can be greatly increased.  This increase in mobility combined with a 

driving force towards an equilibrium state could result in the collapse of the lattice 

structure.  This seems especially plausible if one considers the change in the actual 
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sorption driving force of the CO2, its fugacity, as the pressure is increased.  The change in 

fugacity is plotted against the increase in pressure in the following figure: 

 

Figure 4.15  (a) Fugacity changes with increasing CO2 pressure represented by blue 
diamonds. (b)  Decline in CO2 fugacity coefficient with increasing pressure 
represented by pink squares.   

 

As can be seen, the fugacity coefficient (squares) drops dramatically as the pressure is 

increased, which yields a thermodynamic driving force for sorption into the polymer that 

is increasing in smaller increments as the physical pressure is increased.  Two concurrent 

processes can be visualized as occurring in this situation.  The first is that the polymer 

has sorbed a large amount of carbon dioxide, is swollen and plasticized, and therefore has 

enhanced segmental mobility.  The second is as the total pressure is increased, the 

increase in driving force for additional sorption and swelling becomes less with each 

pressure step increment.  This results in a decrease in additional sorption and swelling 

that is at some point matched by the polymers driving force to relax towards an 

equilibrium position enhanced by the polymer segments� increased mobility.  The 
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permeability maximum occurs when the two effects are equal, after which, the volume 

contraction to a more comfortable equilibrium state is dominant. 

 

Most of the above discussion implicitly assumes that the polymers studied were in 

the glassy state for the processing conditions.  However, it has been shown by many 

researchers [14-18] that depression of glass transition temperatures can be induced by 

CO2 sorption in the polymer.  Though much of this research has focused on relatively low 

Tg polymers (Tg less than 200ºC), Wessling, et al [18] reported a Tg depression from 

312ºC to 114ºC of 6FDA-mPD at a pressure of 725psi.  Since the pressure operating 

range of the 6FDA-DAM based polyimides studied here was much higher than that of the 

measurements made by Wessling, and since the carbon dioxide sorption of the more open 

6FDA-DAM is expected to be much greater than that of 6FDA-mPDA, it is possible that 

concentration levels of CO2 could be high enough to induce a glass transition in the 

polymer.  Experimental investigation of Tg depression in the presence of carbon dioxide 

is not trivial, and since it was peripheral to the key objectives, was not pursued for the 

above set of polymers.  

 

In the literature, several techniques exist for estimating the solvent induced glass 

transition in a polymer.  One approach, put forth by Vrentas et al. [28] suggested a linear 

dependence of Tg depression with increasing concentration in the following expression: 

 

    AwTT gogm −=    

 

where Tgm is the new Tg of the polymer, Tgo is the original Tg, A is the slope, and 

w is the sorbed concentration of carbon dioxide in the polymer.  However, this technique 



 97

poses a problem in that it is not possible to predict the depression in glass transition 

temperature apriori�.several experiments are necessary to fit the parameter A in the 

above equation.  A second expression developed by Chow [29] gives the following:  

 

   [ ]θθθθβ ln)1(ln)1(ln +−−=
og

g

T
T

  (4.1) 

where 

 

   
ω
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=
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Pp CM
zR
∆

=β      (4.3) 

 

In the above equations, Tgo is the glass transition temperature for the pure 

polymer, while Tg is the value when the weight fraction of the diluent is ω.  Md is the 

molecular weight of the diluent, Mp is the molecular weight of the polymer repeat unit, 

and ∆CP is the change in specific heat of the polymer at its glass transition.  The 

parameter z is the coordination number and R, the gas constant.  All of the above 

parameters are known or can be measured directly, with the exception of the coordination 

number. For this, Chow has suggested using the coordination number of 1, while Chiou 

[14] has suggested a co-ordination number of 2.   

 

In expression (4.2) above, the important parameter is θ, which must be less than 

one.  This parameter is influenced by the molecular weight of the polymer repeat unit, the 

coordination number, the molecular weight of diluent, and the weight fraction of diluent 
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in the polymer.  For the following calculation, the Md = 44 g/mol for CO2, the average 

weight fraction of CO2 through the thickness of the polymer is 0.13, the molecular weight 

of the 6FDA-DAM repeat unit is 594 g/mol, and a ∆CP of 0.036 cal /g °C  were used.  

Using the z coordination of 2, suggested by Chow, a solvent induced Tg of 382°C for z = 

2.  For z = 1, which was suggested by Chiou, the θ = 1.97, which caused an error in the ln 

(1-θ) expression.  The high molecular weight of the repeat unit combined with the large 

concentration of CO2 in the polymer are responsible for the θ > 1.   

 

The increase in segment rotational motion caused by the presence of CO2 is not 

limited to the movement entire 6FDA-DAM repeat unit.  Individual motion of each of the 

two monomer units is also possible, and in this case, it makes sense to look at an average 

molecular weight repeat unit of 297 g/mol.  When this is done, solvent induced Tg�s of 

382° and 285°C were obtained for z coordination numbers of 1 and 2 respectively, which 

would indicate that the polymer at 50°C is still in the glassy regime.  These predicted Tg�s 

are still much higher than one would expect, especially considering the Tg depression 

reported by Wessling et al for the 6FDA-mPD polyimide.  This emphasizes the need for 

experimental investigation of concentration induced Tg depression. 

 

 

4.7 CONCLUSIONS 

 

Based on the above observations and analysis, several salient points regarding the 

investigation of polyimides in high pressure pure CO2 environments should be 

highlighted.   
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! Investigation of the transport properties of 6FDA-based polyimide 

materials in the presence of supercritical carbon dioxide showed 

interesting permeability trends which were quite unexpected.  

  

! As the carbon dioxide pressure was increased, the productivity initially 

increased, which fit well with a picture of material plasticization.  

However, as the CO2 pressure increased past 1000 psi,  the permeability 

exhibited a maximum after which it declined with further increases in 

pressure.   

 

! The �conditioned� polymer showed decreased chain spacing and swelling 

effects as compared to an untested sample, which indicates a fundamental 

change of the material has occurred.  This behavior is quite different from 

that of the commercially available polyimide, Matrimid®, which showed 

no permeability declines.   

 

! It is postulated that two key conditions should be present for a lattice 

collapse to occur:  (1) The material has a large fractional free volume, and 

(2) The material has an affinity for carbon dioxide, which yields high 

sorption values. 

 

! If the above criteria are met, then it seems that the competition between 

the swelling tendency, or free volume enlargement, of the polymer due to 

the presence of carbon dioxide at some point can be balanced by the 

tendency for a non-equilibrium high free volume polymer to relax to its 
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equilibrium state.  The permeability maximum occurs when the two 

effects are equal, after which, the volume contraction to a more 

comfortable equilibrium state is dominant. 

 

! The exact mechanisms behind the polymer�s lattice contraction seems to 

be a complicated process that still requires further investigation before 

more concrete conclusions can be made. 
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Chapter 5 : “Sorp-Vection” 

5.1 INTRODUCTION 

 

In the previous chapter, the focus was placed on pure CO2 interactions with 

6FDA-based polyimides.  This research built upon fundamental understanding of 

transport in supercritical conditions and directly addressed the first objective of the 

project.  Chapter 5, however, presents a shift in scope from pure to mixed feed 

challenges.  Since successful separations of organic solutes from ScCO2 using glassy 

polyimides is somewhat counter-intuitive, it is prudent to establish a basis for predictive 

success before presenting experimental evidence.  By modeling transport through the 

membrane starting with Fick�s law, taking into account convective contributions to 

transport, and dictating process conditions to simplify the analysis, an unconventional 

approach to describing transport through a membrane is developed in this chapter.  This 

model is compared to another analysis developed using the Stefan Maxwell approach, 

which specifically takes into account interactions between components during transport.  

Using the model that includes contributions of bulk flow to transport with collected 

sorption data, theoretically achievable selectivities are calculated and will be the targets 

of the experimental mixed gas work, which is the subject of Chapter 6. 

 

5.2 BACKGROUND 

 

As mentioned previously, the separation of supercritical carbon dioxide 

containing effluent streams has been the focus of several researchers in the past twenty 
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years.  Much of the emphasis has been on ultrafiltration or nanofiltration membranes, 

which are either used in dense form or supported with a ceramic support, and none 

directly address possible enhancements to selectivity due to bulk flow effects.  However, 

an interesting series of papers published by Ohya et al. [1-4] describes the successful 

separation of ethanol and iso-octane mixtures from supercritical carbon dioxide using 

asymmetric polymeric Kapton® membranes.  These findings are highly unusual because 

preferential separations of larger components from smaller components are typically not 

easily achieved in glassy materials.  These materials tend to separate based on size 

selectivity, with smaller molecules having the distinct advantage.  That Ohya was 

successful in separating a multitude of larger hydrocarbons alerts one to the fact that 

perhaps more is occurring than can be described with the simple solution-diffusion based 

model of transport.  Ohya briefly suggests that the mechanism of transport is not 

solution-diffusion, but rather that it follows a �pore flow model�, which brings to mind 

transport via viscous flow through pores.  However, these papers do not give supporting 

mathematical development for the model.  It is actually quite likely that a modified 

solution diffusion model is still at the heart of this process, and that the separation effects 

can be described by taking into account frame of reference effects, which were first noted 

by Paul and co-workers [5-9] for single component permeation, and then later expanded 

by Kammarudin [10] for mixtures.       

 

The elimination of diffusive flux via constant organic penetrant concentration, 

which is proposed in this chapter, has been mentioned by other researchers doing low 

pressure pervaporation experiments.  Böddeker et al. [11] were interested in the 

separation process of phenol from water.  They detail a separation of phenol from water 

where a nearly constant activity of the phenol across the thickness of the membrane 
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effectively eliminates the activity gradient driven transport. In this case, success of 

separation is claimed to be due to an intrinsically high flux of organic substance through 

the material.  Böddeker postulates that the presence of a second component, water, whose 

flux was constant at all dilutions investigated, is only important to sweep phenol already 

in the permeate reservoir from the downstream face of the membrane to the condenser.  

This is quite different from the present case, where the solute, whose activity is constant 

through the membrane, has an intrinsically low flux.  The solvent, CO2, has the high flux 

and serves to sweep the phenol from the internal membrane to the downstream reservoir.   

While some of Böddeker�s ideas and observations have similarities to the ones developed 

here, the final application focus, the detailed development of a transport model, and the 

corresponding manipulation of processing conditions is entirely different than those 

offered here.   

 

5.3 BULK FLOW EFFECTS ON PHENOL (PHOH) / CO2 SYSTEM 

5.3.1 General Scheme 
 

In this novel process (Figure 5.1), by proper selection of the composition of the 

membrane, the upstream side of the membrane acts as a �strong concentrator� of solute 

A, phenol, from the solution.   
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Figure 5.1     Schematic of �Sorp-Vection� process.  In (1), the membrane acts to 
concentrate the phenol; in (2), the flux of the carbon dioxide serves to pull 
the phenol into the downstream reservoir. 

Component B on the other hand, ideally should show a much lower sorption 

tendency than A in the upstream membrane.  In this case, the local concentration at the 

upstream point is highly enriched in A vs. B compared to the external upstream feed 

solution.   For cases such as supercritical extraction, where component B has a high 

intrinsic diffusion coefficient in the A-swollen membrane, a significant steady state 

diffusive flux occurs of B.  By proper control of downstream conditions, the 

thermodynamic activity (or fugacity) of component A can be maintained high and 

essentially constant across the entire membrane.  In this case, a small or nonexistent 

concentration profile of A exists, so negligible diffusion of A occurs.   Nevertheless, the 

associated diffusive flux of component B provides an overall bulk flow within the 

membrane.  The overall bulk flux moves component A at a greatly enriched mass 

fraction, relative to the value in the feed reservoir, into the downstream receiver.  This 

coupled process produces a higher combined flux and selectivity of A vs. B than could be 

achieved with a conventional sorption-diffusion membrane.  Below, the theoretical 
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framework for the �sorp-vection� concept is presented starting with Fick�s law and using 

the model separation of phenol from supercritical carbon dioxide using polymeric 

membranes to validate this concept. 

 

5.3.2 Theoretical Development 

A schematic of the transport process specific for the phenol / carbon dioxide 

separation is included in Figure 5.2.   

 

 

Figure 5.2.   Schematic representation of concentrations of phenol and carbon dioxide 
through the thickness, l, of the membrane. The ω’s  represent the weight 
fractions of the components in the membrane, D’s  are the diffusion 
coefficients of the penetrants through the membrane, ρ is the density, and n 
is the flux of each component. 
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For cases such as supercritical extraction, where the supercritical carbon dioxide 

has a high intrinsic diffusion coefficient in the solute-swollen membrane, a large steady 

state diffusive flux occurs of the carbon dioxide.  The thermodynamic activity (or 

fugacity) of the phenol, is maintained high and essentially constant across the entire 

membrane.  In this case, a small or nonexistent concentration profile of phenol exists 

(Figure 5.2), so negligible diffusion of phenol occurs.  The typical expression for mass 

flux of A relative to a stationary reference was defined in equations (2.11) in Section 

2.1.4 and is  

 

  )( pBAA
A

AMA nnnw
dx

dwDn +++−= ρ     (2.11) 

which is Fick�s fist law with bulk flow contributions present.  Since no diffusive 

flux occurs, equation (2.11) in Section 2.1.4 can be re-written as: 
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Solving for nPhOH yields 
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For the case of carbon dioxide, a concentration gradient does exist across the 

membrane (see Figure 5.2), and therefore both convective and diffusive transport should 

be occurring.  The flux of CO2 through the membrane is represented by re-writing 

equation (2.12) in Section 2.1.4: 
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Solving for nCO2 results in the expression: 
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For the following preliminary analysis, it is assumed that the density throughout 

the polymer is constant, and the diffusion coefficient is independent of concentration.  

The density of the membrane will indeed vary in the thickness direction due to the 

difference in sorption from the upstream to downstream portions of the membrane.  

However, if desired, this change in density can be reasonably accounted for by taking an 

average of the upstream and downstream densities.  Moreover, since the diffusion 

coefficient can be a strong function of local concentration, the average diffusion 

coefficient of the permeant is used.   

 

Starting with Equation (5.4), and substituting equation (5.2) for the flux of phenol 

results in the following equation:  
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Collection of nCO2 on the left hand side of the equation and consolidation of terms 

yields 
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and subsequently 
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After separating variables, the following integral is formed: 
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The limits of integration are as follows: 
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After integrating and collection of terms, equation (5.8) yields 
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As stated previously, 

 

 0=pn         (5.11) 

 

Though the diffusive flux of phenol is negligible, the associated diffusive flux of 

the supercritical carbon dioxide (nCO2) provides an overall bulk flow within the 

membrane.  This overall convective flow combined with the large weight fraction of 

sorbed phenol carries the dilute solute into the downstream receiver.  This coupled 

process produces a higher combined flux and selectivity of the phenol vs. carbon dioxide 

than could be achieved with a conventional, purely sorption-diffusion membrane 

approach.  Sorption of carbon dioxide within the membrane is significant and it, 
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therefore, does experience some self acceleration because of its high flux.  However, the 

fraction of flux from bulk movement is small compared to that of the phenol, and does 

not significantly alter the selectivity of the material.  In fact, solving equation (5.2) for the 

ratio of phenol to carbon dioxide flux results in 
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which indicates that the ratio of fluxes, which determines the material selectivity, 

is really only a function of the sorbed concentration of phenol in the membrane, and is 

independent of the productivity of the material.   Of course, for this separation process to 

be industrially viable, fluxes through the membrane should be reasonably fast. 

 

The fraction of bulk flux through the membrane can be calculated for each 

component using the following equations: 
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Since the weight fraction of phenol throughout the membrane is constant in this 

idealized illustrative case, the only movement of the component is through the bulk, 

resulting in a simplification of equation (5.13) to 
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 1=∏Bulk
PhOH        (5.15) 

A more useful descriptor of the bulk flow contributions to the flux of carbon 

dioxide can be obtained by substituting equation (5.12) into equation (5.14).  The result is 

presented below. 
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     (5.16) 

To fully describe bulk flow effects on the transport of carbon dioxide through the 

membrane, an expression for the average concentration through the membrane must be 

obtained.  Using the definition for average concentration, 
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and solving for wCO2, an average concentration for CO2 in the membrane can be 

defined.  Details of this calculation are shown elsewhere [10], and therefore will not be 

discussed here.  The average concentration for CO2 in the polymer is shown below. 
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The subscript 0 refers to the weight fraction of sorbed carbon dioxide at the 

upstream face of the membrane.  The weight fraction of CO2 sorbed at the downstream 

face of the membrane was assumed to be negligible, i.e., wCO2(l) = 0.   Substituting 
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equation (5.12) into the above expression and simplifying results in the following 

equation: 
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This average weight fraction of sorbed CO2 has been used in conjunction with 

equation (5.16) to determine fractional bulk flow effects on the flux of CO2. 

Material selectivity for the separation of phenol from carbon dioxide is shown 

below: 
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Though written in mol fraction units here, this statement is also clearly valid for 

mass fraction compositions.  The mass fraction composition of the feed is fixed and 

therefore needs no further discussion.  The actual composition of the permeate is 

determined either volumetrically or via gas chromatography.  For predictive evaluation, 

the composition of the permeate can be determined by taking the expected fluxes of 

individual components, normalizing them by both the active membrane area and time of 

experiment, and then calculating the mass fraction expected in the permeate.  For 

example, the mass fraction of phenol in the permeate is calculated below:  
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where t is the time of experiment and A is active permeation area.  A similar 

expression can be written for the mass fraction of carbon dioxide.  When the ratio of 

phenol to CO2 mass fractions are taken, the following equality becomes apparent: 
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Therefore, the expression for separation factor can be written in the convenient 

form  
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and analyzed in terms of fluxes of the permeating species.  Using equation (5.12) 

to put fluxes in terms of measurable quantities, the selectivity term becomes 
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where wPhOH(M)  represents weight fraction of phenol sorbed into the membrane 

and the x(G)�s represent mass fractions of components in the gas phase of the feed.   

 

The equations above require explicit sorption data of the organic solute in the 

polymer before estimates of selectivity can be made.  If rubbery materials are used or if 

significant sorption of solute in the glassy polymer is expected such that the material�s Tg 
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is close to the processing temperature, two possible approaches can be taken that enables 

a priori estimation of sorption, and therefore, material selectivity. 

 

To relate the weight fraction of phenol sorbed in the membrane to the activity of 

phenol in the gas phase, a partition coefficient, K,  can be defined as follows: 
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If a linear relationship exists in the limit of extremely dilute solutions, the 

following simplified statement can be defined for the material selectivity: 
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This presentation of the selectivity allows an estimate of the potential selectivity 

of a material based solely on its interaction with the organic solute and concentration in 

the feed stream.  

 

Outside the limit of Henry�s law dilution, an alternate method can be clearly 

utilized to predict selectivities. Johnston and Shim [12] defined an equilibrium 

distribution coefficient as  
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where iΦ  is the volume fraction of component i, P
iρ  is the molar density of i in 

the polymer phase, which can be approximated as that of pure (hypothetical) liquid i, and 

fρ  is the molar density of the fluid phase.  The activity of a component i in the polymer 

is defined by the following equation [13]  
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where iΦ  is the volume fraction of component i, iΓ  is the activity coefficient 

based on volume fraction units, iy  is the mole fraction in the fluid phase, iφ  is the 

fugacity coefficient, sat
iP is the vapor pressure (which may be extrapolated above the 

critical pressure), sat
iφ is the fugacity coefficient at the vapor pressure, and p

iv  is the 

partial molar volume of i in the polymer phase.  Substituting equation (5.28) into 

equation (5.27), the following expression for the partition coefficient of component i can 

be obtained. 
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This parameter can be substituted into equation (5.26) for a priori estimates of 

selectivity based on convective transport. 

 

5.4 BULK FLOW MODELING – MAXWELL STEFAN 

While the Fickian approach to modeling the transport of penetrants through the 

membrane accounts for both diffusive and convective transport, it does not always 
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explicitly account for several of the factors that are important in defining the effects of 

component interaction in a mixed gas environment.  The Maxwell Stefan relations 

provide an alternate way to model transport that takes into account the influences of the 

surrounding environments [14, 15].  These influences, such as �frictional� drag created 

on molecule A because of its diffusion through polymer P that must be overcome for A to 

diffuse through the medium, should be accounted for.  For a multi-component system, the 

driving force for the diffusion of a species in a mixture is  
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where di is the sum of forces acting on the system, x’s are the mol fractions of 

mixture components, and ui�s are the velocities of each component.  ijD  is the Maxwell � 

Stefan mixture diffusion coefficient between component i and component j in the 

mixture.  The MS diffusion coefficient can be related to the Fickian diffusion coefficient 

for binary systems by the following expression: 
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When the forces acting on the system are taken into account and tailored for 

membrane systems, the following equation is valid  
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In this equation, the first term on the right hand side of the equation takes into 

account the driving force due to activity gradient across the system, the second term 
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addresses pressure forces acting on the system, and the final term defines electrolytic 

solutions [14].  The left-hand side of the equation represents the momentum that is 

transferred between molecules as a result of collisions, with ijD  being the inverse drag 

coefficient. 

 

Several researchers have [16-20] begun to look at the MS approach to ternary 

systems, and have influenced the following development to take into account the effect of 

the membrane on the transport of components A&B. Much of this development has been 

adapted from Bird-Stewart & Lightfoot�s [14]treatment, and tailored to our conditions.  

In the specific case described here, there are no pressure or electrolytic forces acting on 

the system.  For a ternary system, which includes the membrane (m), carbon dioxide (A), 

and phenol (B), the appropriate equation is  
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To simplify the above equation, the solution is considered ideal, which makes the 

activity coefficient, Aγ  go to one.  As well, the membrane is stationary, therefore, 0=Mu .  

The equation then becomes 
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which can then be reduced to  
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To switch from molar fluxes to mass fluxes and from mol fractions to mass 

fractions, the following equalities were substituted 
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where Mi is the molecular weight of the species, xi is the mol fraction of the 

species, wi is the weight fraction, ni is the mass flux, and Ni is the molar flux of 

component i.  The final definition is suggested by BS&L, because the effective molecular 

weight of the membrane is hard to determine.  Since the membrane does interact 

significantly with the components, it should not be omitted, and therefore, a 

proportionality is defined.  Equation (5.38) above suggests that the frictional effects felt 

by component α because of the presence of the membrane are proportional to the mol 

fraction of the membrane present locally, and appears to be a reasonable substitution. 

Another valid approach is to replace the mol fractions of components with their 

corresponding volume fractions [16, 18, 19, 21].  This generalized approach results in a 

different final form, but reduces to equivalent expressions in the limit of our model 

separation. Upon substitution into equation (5.35), and simplification, the following is 

obtained 
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To put equation (5.39) in a form that follows more closely to the Fickian 

expression, an internal system of mobile components (A&B) was defined (which 
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neglected the constrained membrane), whose mass fractions summed to unity; i.e. wA + 

wB = 1.  In addition, the following substitution was made: 

 

  
M

MDD BAB
AB ='       (5.40) 

Since 
M

M B  is merely a constant, this does not alter the working transport 

equations.  When these substitutions were made into equation (5.39) and terms were 

collected, equation (5.41) and (5.42) for components A and B were generated 
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Further simplification lead to expressions that have similarities to the Fickian 

expression derived in equation�s (5.1) and (5.3) 
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If an effective diffusivity is defined, which takes into account all of the 

parameters influencing the diffusion coefficient, equations (5.43) and (5.44) become 

reminiscent of the transport picture developed using Fick�s law.  Below is the definition 

of an effective diffusivity of component A in a mixture 

 



 122

  
AMAB

ABAM
effA DD

DDD ''

''

, +
=       (5.45) 

Making this substitution into the above equations results in the following 
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If a similar argument for the definition of effective diffusivity of component B is 

also made, equation (5.44) above reduces to 
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In the specialized case where the activity of phenol, component B, is held 

constant, the above equations simplify to the following 
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Since the goal of the �sorp-vection� process is to maximize the effects of bulk 

flow on the process, inspection of the ratio between the effective diffusion coefficient and 

DAB is instructive.  In the case of the phenol flux, the ratio simplifies to  
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where '
BMD  is proportional to the inverse frictional force of component B with the 

membrane, and ABD  represents the inverse frictional force of component A with 

component B.  For the largest bulk flow effects, the friction between A and B is so large 

that they essentially move together, causing one component to be �dragged� along by the 

other.  In this limit, the  ABD  would be much smaller '
BMD , causing equation (5.49) above 

to reduce to the form that was determined through the use of Fick�s law.  In the case 

where the components interact only weakly with each other, ABD  dominates, and the 

effects of bulk flow are compromised.  The most accurate picture would presumably 

place the influences of the preceeding effects somewhere between the two limits 

described here.  However, for simplicity of argument, we have chosen to model our 

arguments at the bulk flux limit of operation while acknowledging that realities do 

complicate the picture somewhat. 

 

5.5 POLYMER EFFECTS 

 

Up until this point, discussion has centered around the mobile components in the 

separation.  Since bulk flow effects can no longer be neglected, it is instructive to take a 

closer look at how these convective terms affect the polymer. 

 

Under typical membrane transport conditions, bulk flow effects are neglected, and 

as such equation (2.13) in Section (2.1.4)  
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which is easily understood.  However, when bulk flow effects are included in the 

analysis, equation (2.13) in Section (2.1.4) reduces to the following form: 
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The polymer is not moving; its segments are merely relaxing back around the 

components that are fluxing through the membrane, resulting in a net flux of 0 of the 

polymer.  For the following discussion, A represents CO2, while B represents Phenol. 

 

Using the already established relationship, the following is known: 

 
  BAp www −−=1        (5.53) 

Taking the derivative of the polymer weight fraction with respect to the position 

in the membrane, x, and understanding that the weight fraction of wB is constant, the 

following relationship is established: 
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Substituting Equations (5.53) and (5.54), into equation (5.52) above, and solving for the 

effective diffusion of the polymer segments, the following relationship is established: 

  AMPM DD =        (5.55) 
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which states that the diffusion coefficients of the polymer segments must match 

that of the diffusing species A, which is CO2 in our case, for equation (5.55) above to be 

valid.  Given the nature of the system that we have defined, with a constant phenol 

activity across the thickness of the membrane, which eliminates its diffusive flux, the 

above results are reasonable.  Although the effective diffusion coefficient of the polymer 

segments is equal to that of the carbon dioxide, each diffusion coefficient in expression 

(5.55) is influenced by different parameters.   
 

To model the diffusion coefficient dependence on the flux of other components, 

the Maxwell � Stefan equation is written in the following form [22]: 
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where Dij is the diffusion coefficient of i under the influence of j.  As well, the 

total flux expression of component i in a mixture can be represented as  
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This is the Fickian form of the flux expression, where the Dim is the effective 

diffusion coefficient of component i in the mixture.  Assuming an ideal solution and 

solving for the effective diffusion coefficient, the following expression can be obtained 
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Individually solving for both DPM and DAM and simplifying the resulting 

equations yields the following expressions 
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where the M�s represent the molecular weights of each species.  The detailed 

mathematical steps and simplifications employed to determine each of the above 

equations are included in Appendix (B) of this thesis.  While each of the expressions are 

a bit convoluted, it is easy to see that the effective diffusion coefficient of the polymer 

segments depend on the diffusion coefficients of the polymer with each of the species A 

and B, while that of the carbon dioxide depends on the diffusive contributions of the 

polymer and the phenol. 

 

5.6 DISCUSSION 

 

Based on the above development, several salient points should be discussed.  

Equation (5.12) shows that the ratio of phenol to carbon dioxide flux is fixed by the 

weight fraction of phenol sorbed into the membrane, and does not depend on the 

�fastness� of the faster permeating species.  However, for industrial relevance, 

productivities are quite important, and need to be considered.  Equation (5.24), which 

defines selectivity based on phenol weight fraction, suggests that selectivity for the 

organic solute, in our case, phenol, is guaranteed only for dilute solutions when 
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conditions are present in which constant solute composition is achieved throughout the 

membrane.  Figure 5.3 presents a graph of selectivity versus the amount of sorbed for 

various feed compositions.  
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Figure 5.3    Theoretical separation efficiency versus weight fraction of phenol sorbed in 
the membrane. 

 

This plot shows the significant decrease in expected selectivity from 438 to 3 at a 

fixed sorbed phenol weight fraction of 0.3 as weight fractions of phenol in the feed 

increase from 0.1 wt% to 1.0 wt%.  This emphasizes the relevance of this process for the 

stripping of dilute components from feed streams.  It is also apparent that higher sorbed 

phenol concentrations, which is the crux of the model developed in the paper, result in 

significantly higher selectivities.  A note of caution is relevant here.  Though significant 

sorption of phenol in the material is desired, care must be taken to ensure mechanical 

ωPhOH(feed) = .001

ωPhOH(feed) = .01
ωPhOH(feed) = .1 
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robustness of the separation polymer.  Tailoring the materials for specific phenol 

interaction and further stabilization of the polymer via integrated cross-linking might be 

necessary for realistic utilization of this concept.  

 

Bulk flux contributions are the only driving force for phenol flux through the 

membrane under the conditions studied here; however, these contributions do also serve 

to slightly accelerate the flux of carbon dioxide.  Equation (5.16) and Figure 5.4 show 

that bulk flux effects depend on both the sorbed fraction of phenol and carbon dioxide in 

the polymer. 
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Figure 5.4    Fraction of carbon dioxide flux due to bulk flow effects versus weight 
fraction of carbon dioxide sorbed in the membrane.  Each trendline is for a 
different weight fraction of sorbed phenol. 
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  Fortunately, this self acceleration of carbon dioxide does not adversely affect the 

overall selectivity of the polymer.   

 

Equation (5.26) defines the membrane separation effectiveness in terms of a 

parameter, K, which describes the partitioning of phenol from the gas phase into the 

polymer.  To illustrate determination of the partition coefficient and its corresponding 

effect on theoretical selectivity, dip test sorption results are presented here.  Figure 5.5 

presents dip test sorption data for phenol in various polyimides.   
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Figure 5.5.   Phenol uptake in 3 polymers,  Matrimid, 6FDA-DAM, and 6FDA-
DAM:DABA (2:1), as a function of phenol activity.  

 

For a sample calculation of  the K factor, and its corresponding effect on the proposed 

selectivity, the phenol uptake in 6FDA-DAM in the activity region of 0 � 0.26 is linear 

and is captured within the dashed lines of the above figure.  The concentration of phenol 
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in the polymer is assumed to vary linearly with the concentration of phenol in the 

external phase for the region of interest.  Hexane was used as a solvent for the phenol in 

these dip sorption tests.  Since it does not interact with the polymer, essentially all 

sorption was taken to be from phenol.  Detailed explanations of the materials, 

methodology, and assumptions for these measurements are discussed in the next chapter; 

however, it is felt to be a very reasonable first approximation.  Only the basic linear trend 

between solution and membrane phenol concentration are used here to help describe the 

partition coefficient and its effect on selectivity.  Since the concentration of phenol in the 

membrane varies linearly with the activity in the region of interest, a partition coefficient, 

K of 76, can be calculated from the slope of the lines.  Based on this partition coefficient, 

and a proposed feed composition of 0.08wt% phenol, a selectivity of 79 is predicted.  As 

can be seen from the form of equation (5.26), the selectivities are heavily dependent on 

both the partitioning of the solute between the feed and polymer phases and the 

composition of the feed.  Assuming that most feed concentrations are fixed, the single 

most important determinant of separation efficiency is the affinity of the solute for the 

polymer.  However, care must also be taken to ensure that the swelling caused by the 

phenol is not enough to cause deformation and failure of the membrane.  The need for 

this delicate balance emphasizes the corresponding need for careful material development 

in these separation processes.  For equilibrium sorption that does not follow a linear 

trend, equations of state can be used to define a correlation for predictive purposes.  

  



 131

The above discussion in terms of partition coefficients focuses on modeling based 

on a Fickian model of transport.  While the Fickian approach to modeling allows for the 

description of the transport of penetrants through the membrane via both diffusive and 

convective means, it does not always explicitly account for several of the factors that are 

important in defining the interaction of components in a mixed gas environment.  The 

Maxwell Stefan relations, outlined in Section 5.4, provide a way to describe these 

additional effects and therefore take into account the influences of the environment 

through which transport occurs.  Development of transport equations showed that bulk 

flow contributions are indeed affected by the interactions of components with each other 

and with the membrane.  In the limits where components A and B interact so strongly 

that they essentially move together, the transport scenario described by the Fickian 

approach is recovered.  In the interest of simplicity, we have chosen to model our system 

at these limits, but do acknowledge the significance of interaction effects on the true 

transport phenomena. 

 

5.7 CONCLUSIONS 

 

This chapter has developed the mathematics behind a novel separation process 

based on fundamental transport phenomena and has developed the theoretical background 

and foundations for the separation.  The most salient conclusions are as follows: 

 

! Separation of organic solutes from supercritical carbon dioxide is possible, 

and because of their mechanical stability, glassy materials appear 

attractive when sorption enhanced convective transfer is utilized. 
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! For convenience, conditions should be engineered to ensure a constant 

activity of dilute organic solute, in our case, phenol.  In practical cases, 

some gradient in phenol activity may be found to be desirable.   

 

 

! Under the generalized operating conditions considered here, the flux of 

CO2 convectively moves phenol, which has selectively partitioned into the 

polymer phase, across the membrane, rather than relying upon diffusive 

transport of phenol to an enriched mass fraction downstream. 

 

! Though large inherent fluxes of components are desired for high 

throughput, the ratio of phenol to carbon dioxide in the downstream 

receiver is only a function of the amount of phenol sorbed into the 

polymer (equation (5.12)).  Therefore, careful material selection and 

development is necessary for optimum separation effectiveness. 

 

! As noted above, the selectivity of the material depends to a large extent on 

the sorbed solute concentration in the polymer.  This in turn depends on 

the partitioning of the solute from the gas to the polymer phase.  For 

optimum selectivity, large partitioning between gas and polymer is 

desired, and can be tuned through material development.    

 

! The Fickian approach to modeling transport through the membrane has 

been compared to an approach that is termed the �Maxwell Stefan� theory.  

This approach takes into account many of the important factors that are 



 133

present in mixed gas systems.  However, for simplicity in modeling, and 

for a clearer conceptual picture, we have chosen to operate at the limit in 

which the MS equations collapse into those developed through the Fickian 

approach. 

 

! Due to the convection of components A and B in the membrane, tiny 

polymer segments are forced to move around the mobile components so 

that no net movement of the polymer is perceived.   

 

Clearly, the general form of the process described here could have many 

applications involving dilute feeds where current membranes processes perform poorly 

for such removal due to excessive solubility of the smaller component B.  Nevertheless, 

probably the most important widespread application is expected to be the separation of 

small organic solutes from supercritical carbon dioxide to facilitate the recycling and re-

use of CO2 while bypassing the costly and energy intensive recompression step.   
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Chapter 6 :  Separation of Phenol from CO2- Experimental Work 

 

6.1 INTRODUCTION 

 

The focus of Chapter 5 was to establish the fundamental strategy for separating 

phenol from CO2 successfully using glassy polyimides and exploiting bulk flow effects 

on transport.  Chapter 6 details the development of the equipment and processes that are 

aimed at obtaining experimental evidence to support the theoretical selectivities.   To 

obtain experimental data to test the proposed model, several important aspects of the 

phenol / carbon dioxide system had to be defined.  Estimates of sorption were necessary, 

as were a processing and compositional analysis strategy.  Solubilities and activities were 

derived using experimental and modeling methods while the processing challenges were 

addressed with equipment design and compositional analysis modifications.  Based on 

solubility estimates, theoretical selectivities for our phenol / carbon dioxide system were 

calculated and compared to those obtained experimentally. 

 

6.1 PHENOL / CO2 SOLUBILITIES 

 

Knowledge of the phenol solubility in CO2 at various temperatures and pressures 

and its corresponding activities is important in the development of the separation process.  

Since such solubility trends were not available for this system at the temperatures and 

pressures of interest, it was necessary to start from basic VLE data determined by other 

researchers [1-6] at different temperatures, use the best fit of these data to establish 
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phenol / CO2 interaction parameters, and then use these interaction parameters along with 

the Peng-Robinson EOS to predict the VLE curves at 50°C [7-9].  A plot of the 

calculated phenol solubilities in CO2 is included in Figure 6.1. 
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Figure 6.1  Phenol solubility as a function of increasing carbon dioxide pressure 

 

While pure solubility data allowed estimation of saturation limits, it did not 

provide a quantitative means of defining a driving force for the transport of phenol or 

CO2 through the membrane.  To do this, activities were calculated for a mixture of 0.08 

wt% phenol in CO2, the testing process conditions. Figure 6.2 shows the activities of 

phenol in CO2 at various pressures and at 50°C. 
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Activity of 0.08wt% Phenol in CO2
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Figure 6.2  Phenol activity as a function of increasing pressure 

6.2 DIP SORPTION TESTS 

 

As discussed in Chapter 3 and 5, sorption of phenol in membrane materials was of 

great interest, since the effects of bulk flow depend strongly on the weight fraction of the 

minor component in the material.  Dip tests [10] were done as a preliminary means of 

data acquisition.  In this method, pre-weighed pieces of film were placed into jars 

containing different weight fractions of phenol in an essentially non-interacting solvent 

(hexane), and the equilibrium uptake of phenol sorbed into the material was measured.  

The results of the dip sorption tests are presented in Figure 6.3: 
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Figure 6.3     % Phenol uptake as a function of the phenol weight percent in a non-
interacting solvent, hexane.  Three polymers were investigated:  6FDA-
DAM, 6FDA-DAM:DABA (2:1), and Matrimid. 

 

Several interesting aspects of the data should be addressed.  The amount of phenol 

uptake in all three polyimides is quite large, with the largest sorption coming from the 

commercially available material, Matrimid.  At first glance, this response might be 

unexpected since the material is more densely packed than the 6FDA based polyimides.  

As well, both 6FDA based polyimides materials sorb more CO2 than the Matrimid.  

However, the BTDA monomer in the Matrimid copolymer has an oxygen with unpaired 

electrons that could hydrogen bond with the phenol�s hydroxyl group, which may  

explain this apparent trend in sorption values.  Control tests were also done with the 

materials in pure hexane (25°C) and pure phenol (50°C).  These polyimides in the pure 

hexane had negligible weight gain which indicated little sorption, while those in pure 

phenol dissolved.  The fact that phenol dissolved the materials emphasizes the fact that 
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good solubility and activity data needs to be present to develop materials and processing 

conditions for good separations.  

 

 

The dip tests were done in solutions containing phenol and hexane; however, 

what was really needed was sorption estimates of phenol at different activities which 

could then be roughly correlated roughly to the activity of phenol in carbon dioxide.  To 

do this, VLE and SLE data of phenol in hexane from other researchers [11] were used in 

conjunction with the NRTL equation to predict the solubilities  and activities of phenol in 

hexane at various temperatures and compositions [7, 8].  Both modeling of phenol 

solubilities and activities in carbon dioxide, as well as that of the phenol / hexane system, 

were done by Dr. Jason Hallet and Dr. David Bush of the Eckert Research Group at 

Georgia Tech.  As a basic check, the theoretically predicted solubility limit of 2.8 mol % 

of phenol in hexane at 25°C [7, 8], matched well with the 2.9 mol% solubility of phenol 

in hexane that was measured in the Koros Laboratory.  Figure 6.4 presents calculated 

activities of phenol in hexane at 25°C. 
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Activity of phenol vs weight fraction in hexane at 
25C
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Figure 6.4 Activity of phenol as a function of its weight fraction in hexane. 

 

Using the calculated activities of phenol in hexane, a rough method is now 

established to estimate the sorption of phenol in a given material at particular activity, as 

shown in the following figure: 
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Weight fraction of sorbed phenol vs calculated 
activity
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Figure 6.5    Weight fraction of sorbed phenol vs calculated activity in the non-interacting 
solvent, hexane. 

 Inherent in the estimation is the assumption that hexane is a non-solvent for the 

polyimides studies, which was verified via dip tests of polyimides in pure hexane.  The 

uptake was less than 2%, which was well within the error limits of the dip tests.  As well, 

we further assumed that the swelling induced by the presence of phenol did not enable 

sorption of hexane in the material.  This was also verified experimentally by taking a 

swollen material out of a phenol / hexane solution and placing the material on a scale and 

taking weight measurements as a function of time.  Since the hexane should evaporate, 

while the sorbed phenol essentially should not, any weight loss seen could be attributed 

to sorbed hexane in the material.  Less than 1 wt% weight loss was experienced during 

this experiment, leading us to conclude that our assumptions were within a reasonable 

framework. 
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Important to note is that the sorption experiments and basic activity calculations 

were done at 25°C while the actual operating temperature of the system was 50°C.  

Sorption experiments were attempted at 50°C, however, due to the volatility of hexane, 

problems were encountered with evaporation and subsequent concentration change.  

Several other solvents were investigated (water, toluene, methanol, NMP, DMAc); 

however, in each of these cases, the solvents were either too volatile or interacted with 

the polymer.  Since the predicted activities of the phenol in hexane only changed by 15% 

between temperatures of 25°C and 50°C, this approach was reasonable because it enabled 

basic estimation of sorption and interaction tendencies of the phenol with the polymer.  

However, future sorption work must be done using the quartz spring apparatus for more 

accurate results. 
 

6.3 PROCESS DEVELOPMENT OF PHENOL / CO2 SEPARATION 

 

The first sections of this chapter focused on developing acceptable methods for 

(1) predicting solubilities of phenol in carbon dioxide, (2) measuring sorption of phenol 

in polyimides, and (3) devising a method for equating the sorption results in a phenol / 

hexane system to a phenol / CO2 system.  The rest of this chapter focuses on developing 

the equipment, processing conditions, and compositional analysis methods developed for 

the mixed gas permeation methods.  Because of the emphasis that developed during the 

mixed gas phase on the topic of process development as opposed to material 

development, the following experiments were performed only on 6FDA-DAM, and later 

Matrimid® polyimides.  The goals during this phase focused on developing the methods 

(1) to provide experimental proof that a bulk flow assisted separation of phenol from 

carbon dioxide could be achieved, and (2) to design the experimental set-up by which the 
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�sorp-vection� concept could be truly investigated in the most efficient and accurate ways 

by future researchers. 

 

6.4 INITIAL SYSTEM AND METHODOLOGY  

6.4.1 Gravimetric Phenol Recovery 

 

Initial experiments were done using the system described within Chapter 3 with 

the appropriate modifications for high pressure use (also described within Chapter 3).  A 

masked material was placed into the high pressure system, vacuum was established for 24 

hrs, and the phenol / CO2 mixture was introduced at a pressure of 1500 psia.  The 

downstream pressure was allowed to rise to 30-40 torr and was held there for four days 

by controlled evacuation of permeate to condition the downstream face of the membrane.  

Initially, the weight fraction of phenol in the membrane was quite low because the 

membrane was not swollen; therefore, it was expected that the downstream composition 

of phenol would be correspondingly low, although an initial selectivity of greater than 

one is expected due to bulk flow effects.  This expectation is supported by evidence 

published by one set of researchers [12], who showed that toluene could also effectively 

be separated (α = 6) from supercritical carbon dioxide using polyimide membranes and 

the conventional permeation set-up (i.e. pressurized upstream and vacuum on the 

downstream, with no downstream conditioning).  Since phenol is similar in size and 

shape to toluene, and since its solubility in polyimides is much greater, expectations were 

that a greater base selectivity should be achieved with the phenol / CO2 system, which 

was run in the conventional manner.    Upon downstream polymer conditioning, the 

material was expected to swell, plasticize, and allow greater amounts of phenol into the 
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downstream, which will serve to condition the downstream until the membrane is swollen 

throughout and true sorption enhanced convection takes place.  The challenge in this 

initial phase of the work was to �match� the phenol activity at the feed and the 

downstream surfaces to equalize the sorption at these two points.  While the slow 

building of downstream phenol partial pressure to achieve this equalization by allowing 

the total pressure to rise from < 1 torr to 30 � 40 torr is clearly not elegant, it was felt to 

be a useful first approach.  The best way to see the utility of this approach is to look at the 

rise in selectivity with increasing conditioning times.  This was quite difficult to do using 

the gravimetric technique, but will be shown using the gas chromatographic methods in 

section 6.4.2.     

 

Since the gas chromatograph was initially not configured for our specific 

compositional analysis, a gravimetric technique was used in which the phenol was 

captured in a condenser immersed in liquid nitrogen.  Using this technique with the 

polyimide 6FDA-DAM, a pressure of 1500 psi, and temperature of 50°C, selectivities of 

41 - 44 were obtained. Since the selectivities, and not the fluxes, were typically the 

important parameters, dp/dt measurements were not typically taken.  However, for one 

experiment, the flux was measured so that the mol fraction of phenol in the downstream 

could be ascertained. The mol fraction of phenol in the downstream was approximately 

0.011, which translated into an activity of 0.15.  This activity was actually twice as high 

as the anticipated target, which caused a bit of concern of back diffusion through the 

polymer.  However, as Appendix C will show, this is not a significant issue.  Using 

equation (5.24) for selectivity,  
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with the predicted phenol sorption of approximately 6 weight percent, a 

selectivity of 79 was predicted.  The measured selectivity is about 41% less than the 

theoretical selectivity, which may suggest that a modified Maxwell-Stefan bulk flow 

response could be present.  However, measurement and activity control procedures were 

not optimum to entirely prove this concept.   
  

6.4.2 Gas Chromatographic (GC) Methods 

 

Because of the long collection times and possible contamination effects in 

gravimetric collection methods, a more precise and automated system for compositional 

analysis was desired.  To this end, an HP 6890 GC fitted with an FID and HP-5 capillary 

column was purchased.  The GC was calibrated using standard calibrated phenol / CO2 

feed mixture at 95 torr and 100 torr.  Because only an FID was used in the first GC 

configuration, CO2 detection was not possible; however, since the important variable is 

the phenol content in the downstream, this was deemed acceptable for preliminary 

studies.  The new GC purchased for the continuing project has both FID and TCD 

detection systems with column switching abilities so that both the phenol and carbon 

dioxide compositions can be detected. 

 

Sampling of downstream phenol / CO2 compositions was accomplished through 

the following configuration: 



 147

 

Figure 6.6 Downstream sampling configuration for phenol / carbon dioxide using the GC. 

The experimental procedure is very similar to the one discussed previously.  A 

masked material was placed into the high pressure system, vacuum was established for 24 

hrs, and the phenol / CO2 mixture was introduced at a pressure of 1500 psia.  In keeping 

with the previous procedure, the downstream pressure was allowed to rise to 30-40 torr, 

and was held there overnight to condition the face of the membrane.  To take a sample, 

the downstream was then allowed to rise to 100 torr before it was sent to the GC 

sampling loop.  The 100 torr test pressure was necessary to capture enough phenol in the 

sample loop to make detection possible.  Detection limits of phenol in a very well 

optimized system are approximately 1ppb.  For the given feed, the expected number of 

mols of phenol in the permeate at 30 torr would be approximately 3.4 ppb, which 

approached the detection limits of the FID and was difficult to measure reliably. By 

increasing the downstream pressure to 100 torr, 11 ppb of phenol was expected, which 

put us solidly in a sensitivity region that the FID was able to measure with an error of less 

than 5%.  Since the compositional analysis method was now simple, frequent samples 

were taken to establish the change in selectivity with increasing conditioning time.   

 

System 

GC Vacuum 
Pump
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The mixture in the downstream was sampled for phenol composition by 

expanding the sample through an evacuated heated transfer line from the permeation 

system and into the sample loop, at which time it entered the capillary column.  The 

sample loop was then fully evacuated using the vacuum pump.  During initial tests, 

phenol traps occurred in the sampling grooves of the GC valve body of the GC due to its 

propensity to condense, coupled with fittings that were perfectly assembled.  This 

problem was solved by changing the fittings and instituting a valve cycling program, in 

which the valve was flushed with the carrier gas, He, and cycled several times between 

sampling runs.  Using this methodology, the sample loop and valve were completely 

cleaned out after each injection.  It is important to note that the GC was completely 

isolated from the permeation system during the valve clean out procedure, so that the film 

could be continually conditioned. 

 

The change in selectivity with conditioning time is included in Table 6.1. 

 Table 6. 1  Selectivity increase as a function of conditioning time for  
6FDA-DAM. 

Conditioning time (hours) Selectivity 
12 5 
26 10 
38 12 
72 25 
96 24 

This shows that the selectivity increases systematically as the material is 

conditioned to a final selectivity of 24-25. 

 



 149

Several masked films of 6FDA-DAM and Matrimid were used to test this 

procedure, and the following table illustrates the increase in material selectivity as a 

function material tested.    

 

 Table 6. 2 Final selectivities of materials 6FDA-DAM and Matrimid 

Material Calculated Selectivity 
Matrimid 12 (broke after 2 days) 
6FDA-DAM 24 
6FDA-DAM 22 

  

It is very interesting to note that the material selectivities calculated, while still 

very good, are approximately half of that calculated via the gravimetric method.  One 

possibility that was considered was the possibility that back diffusion of phenol occurred 

as a result of increased downstream activity defined through the high downstream 

pressure (100 torr instead of 30 torr).  However, Appendix C will show that this is not an 

issue that could account for the loss in selectivity between gravimetric and GC methods.   

 

Another, more viable, possibility could be the result of phenol adsorption to the 

stainless steel components that make up the downstream reservoir.  In the gravimetric 

technique, the entire contents of the downstream were evacuated through a trap that was 

immersed in liquid nitrogen.  Any phenol that had adsorbed to the stainless steel would 

be captured in this technique.  When the GC is used, however, the phenol that has been 

adsorbed onto the stainless steel is not sampled, and therefore is not accounted for.  In 

one sense, as long as a consistent method is used (gravimetric or GC), materials can 

examined on a relative basis for their effectiveness in concentrating the solute, phenol, 

from the supercritical carbon dioxide.  However, to see the actual separation efficiency 
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via the GC method, the stainless steel downstream reservoir may be replaced with a 

Teflon coated downstream reservoir.  Phenol will not adsorb onto the Teflon, and should 

therefore, be present in any sample taken from the GC.  While the process methods for 

most accurately measuring the phenol are still being optimized, the addition of the GC, 

and the corresponding positive measurement results, are large steps forward in the 

establishment of a user friendly and industrially viable separation process.  

 

6.4.3 Conditioning Methods 

 

The conditioning methods used in the above experiments were necessarily ad-hoc 

in this preliminary work, depending on the increase in downstream phenol concentration 

to condition the films to the point where a constant activity across the membrane could be 

achieved.  The most efficient method for testing these materials would involve either pre-

saturating the membrane before its introduction into the permeation system, or 

conditioning the film while it is inside the system, and engineering the processing 

environments such that a similar activity is present on both the upstream and downstream 

portions of the membrane.  In this vein, several techniques were investigated for their 

effectiveness. 

 

The first method involved soaking the polyimide in a phenol / hexane solution 

which had an activity that was similar to that experienced in the phenol / CO2 

environment.  The time required for total equilibration in the dip sorption tests was 4-8 

hours�.as such, the films were placed in solution for that amount of time. Afterwards, it 

was taken out of solution, patted dry, masked and epoxied, as shown in the Figure 6.7.  

This method of saturation was abandoned because it was found that the phenol from the 
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films infiltrated the epoxy during the 24 hours that is required for it to cure, resulting in 

an incompletely cured epoxy which resulted in a bad seal between the epoxy and the 

membrane.  Membranes which were pre-saturated in this manner failed to even hold 

vacuum before the phenol / carbon dioxide mixture was introduced. 

 

 

Figure 6.7 Pre-conditioning technique of film before masking 

 The second method involved taking an already masked piece of film, and 

placing it in a pre-saturated phenol / hexane environment for 24 hours as shown in the 

following figure: 

Membrane in 
solution 

Masked film 
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Figure 6.8    Pre-conditioning of masked and epoxied membrane before insertion into 
permeation cell. 

Since the membrane is already masked and epoxied in this second procedure, it 

would seem that membrane failure would not be a problem.  However, the different 

membranes conditioned using this technique failed upon pressurization.  This could be an 

issue of the impact of 1500 psi of pressure being instantaneously introduced onto a 

�softened� material.   While this particular set of experiments were being carried out, the 

valve between the ISCO and the system was an �on / off� valve equipped with very little 

metering ability.  These valves have since been replaced with metering valves for better 

control of increasing upstream pressurization rates.  

 

 With the introduction of metering valves, it is probably possible to pre-

condition the membranes via the second technique.  However, this is still not the best 

possible method for pre-saturation because of its cumbersome nature, and because it still 

2 wt% phenol / hexane soln 

membrane 

Membrane mask 

Closed container 

Saturated Environment 
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does not address the need for establishing and maintaining a constant phenol activity 

downstream. 

 

6.4.4 IN-SITU CONDITIONING METHOD  

 

For processing conditions that truly encourage the �sorp-vection� concept, the 

activities should be maintained constant at both upstream and downstream faces of the 

membrane.  On the upstream side, the weight fraction of phenol is fixed by the cylinder 

mixture, and activity is controlled by the feed mixture pressure. For the downstream side, 

the operating pressure is fixed, so the activity should be controlled by the varying weight 

fractions of phenol in the sweep mixture.  A schematic of the system, including a 

downstream sweep and mixing system is included in Figure 6.9 below. 

 

Figure 6.9    Schematic of preferred in-situ conditioning method:  A downstream flow 
through system which will allow for continuous sweep of constant activity 
phenol containing CO2 or N2.  

16 psi
GC 

250 psi 

ISCO pump

Permeation Cell 

Vacuum Pump 



 154

For clarity, the entire permeation system is not shown; only the permeation cell, 

with its newly machined downstream flow through capability, is included.  In addition to 

a new permeation cell, a stainless steel mixing cell equipped with a Teflon stirrer which 

is controlled via a magnetic stirrer was designed and machined.  This mixing cell was 

included to ensure a well mixed solution of phenol and CO2 is entering the permeation 

cell.  All parts of the feed and sweep systems are heat traced to prevent phenol 

condensation in the lines.  A variation of this approach is envisioned for actual large scale 

operation with the excess captured phenol being condensed and the sweep stream 

recycled. 

 

 In this system, a constant sweep of CO2 / phenol is fed across the 

downstream face of the membrane as feed is swept across the upstream face of the 

membrane.  The downstream sweep is continuously fed through the GC sample line.  

However, instead of continually flowing through the GC sample loop, the sweep is led 

through a bypass line (pathway 1 in Figure 6.10) that is fed into an outside vent line.  

During this time, the sample loop (pathway 2 in Figure 6.10) is constantly evacuated.  

When a sample is to be taken, the valve to pathway 1 is closed, and the sweep is now 

diverted to the GC, and later outside via a vent valve.  In this way, a continual sweep 

stream is established during the course of an experiment with the capability of evacuating 

the sample loop.  A schematic of the GC valving system is included in the following 

figure: 
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Figure 6.10  GC valving system:  all components can be completely isolated from the 
permeation system so that in-situ conditioning can continue. 

 

Thus far, attempts at successfully characterizing transport properties using this 

downstream flow through system have been largely unsuccessful.  One 6FDA-DAM 

membrane yielded a selectivity of 10, though it broke after two days, and thus, the 

validity of the number is suspect.  However, there are several possible reasons for the 

system failures.  In several cases, the epoxy delaminated from the membrane surface 

once the downstream feed stream was introduced.  It is suspected that the downstream 

phenol is attacking the adhesive and ultimately attacking the epoxy from its downstream 

side.  As well, mechanical failure of the mask has occurred several times after the 

downstream flow has been established.  Thus far, the best explanation that has merit is 

the pressure surge in the downstream from vacuum to 16 psi could result in failure of a 

mask that has already begun to fail. 

 

Since the masking / epoxy based systems have failed several times, full 

membranes without masking are now being used in hopes of circumventing this problem.  

As well, a new epoxy is being investigated that will be more robust in an aggressive 
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phenol environment, and a new masking technique whereby both the upstream and 

downstream portions of the membrane / mask interface are epoxied is being investigated.   

  

6.5 DISCUSSION 

 
 

Chapters 4 and 5 focused on gathering data on material performance in pure 

carbon dioxide conditions and on modeling a potential process for mixed gas separations 

of an organic solute from supercritical carbon dioxide using glassy polymers.  Based on 

the Fickian development of selectivity in Chapter 5, along with a predicted phenol 

sorption level in the polymer provided by the dip tests, a selectivity of 79 was predicted 

for the 6FDA-DAM polymer.  This chapter has focused on developing the techniques 

necessary to prove the mixed gas proof of concept.  Dip test sorption methods have been 

established to obtain sorption of phenol in the polymers, while a new mixed gas system 

has been built to examine actual separation efficiency of the materials under permeation 

conditions.  Via gravimetric capture methods, separation efficiencies of 40 � 44 have 

been obtained for the 6FDA-DAM material, which are 59% of the efficiency determined 

via modeling in Chapter 5.  GC measurements, however, show separation efficiencies of 

25.  This deviation from efficiencies via the GC has been postulated to be caused by 

adsorption of phenol on the stainless steel downstream reservoir.  Further work will entail 

Teflon coating of the downstream reservoir to prevent this adsorption.  It is important to 

note, that both selectivities of 25 and 44 show that (1) the separation of phenol from 

carbon dioxide is possible using glassy materials, (2) these separation factors are large 

enough for industrial viability (Chapter 7), and (3) bulk flow effects are working to 

enhance the separation effectiveness.  While the true �sorp-vection� concept is still being 
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optimized, this work has built the basic understanding, methods, and equipment which 

will allow for future optimization.   

 

Several methods have also been investigated for efficient material conditioning.  

The most promising and straightforward method is the in-situ condition process in which 

a CO2 / phenol mixture having an activity equal to that of the upstream is swept past the 

downstream portion of the membrane continually.  A downstream flow-through system 

has been designed and built for this process, and should be effective upon further 

optimization.  
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Chapter 7: Economics of Membrane Based Separations 

 

7.1 INTRODUCTION 

 

While most of this investigative study focuses on a model system used to prove 

the validity of membrane based separations of bulky solutes from supercritical carbon 

dioxide, it is instructive to perform a basic economic comparison of the proposed 

separation.  Intuitively it would make sense that any time a membrane unit can 

successfully reduce the volume of carbon dioxide that requires recompression, it may 

create an economically attractive industrial process.  However, the magnitude of the 

economic advantage depends heavily on the membrane cost, its productivity, and 

selectivity.  This chapter presents a more focused economic analysis of the phenol / 

carbon dioxide separation, comparing straight recompression of carbon dioxide with an 

integrated membrane and recompression unit.   Other potential routes for separating 

solutes from supercritical carbon dioxide are also briefly touched on, though emphasis 

will be placed on the polymeric based separation of solute from CO2, which has been the 

focus of this thesis.   

 

7.2 SEPARATION AVENUES 

 

As discussed previously, there are several methods to separate organic solutes 

from supercritical carbon dioxide.  The easiest method is to throttle the high pressure 
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mixture to a pressure at which the solute is no longer soluble in the solvent.  The solute 

precipitates from solution, and the CO2 (solvent) is then recompressed to operating 

conditions, cooled to the appropriate processing conditions, and added back into the 

process.  The amount of throttling required depends heavily on the thermodynamics of 

the system being studied.  A schematic of this separation technique is shown in Figure 

7.1. 

 

 

Figure 7.1    Throttling of high pressure effluent mixture after which the product, 
oligomers, and solute are recovered.  The resulting purified carbon dioxide 
must be recompressed and cooled before it is sent back to the high pressure 
process. 

 A second proposed method, which is the focus of this study, is to use a 

membrane unit to selectively remove the organic solutes from the high pressure mixture, 

leaving a purified high pressure solvent on the upstream side which would then be 

directly recycled back to the process with little recompression or temperature adjustment.  

This process is presented in  Figure 7.2 below: 
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Figure 7.2    Integrated unit for product / solute recovery and recycling of carbon dioxide.  
Process effluent is expanded slightly to allow for product / oligomer 
recovery.  The resulting stream is then sent to a membrane separation unit.  
The high pressure purified CO2 stream is recompressed slightly and 
temperature adjusted before being sent back to the process.  The CO2 stream 
lost to the downstream also requires recompression and is added back to the 
process unit. 

Two other separation avenues are also potentially attractive for solute separations.  

The first also involves a membrane based operation.  In this technique, carbon dioxide 

from a process effluent is separated from the organic solute using a small transmembrane 

pressure difference ([1-5]).  The purified CO2 is then recompressed slightly and sent back 

into the process. A schematic of this technique is presented in Figure 7.3: 
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Figure 7.3    Membrane assisted separation of organic solutes from CO2 using a small 
transmembrane pressure difference.  The purified CO2 would then be 
recompressed and the stream�s temperature adjusted before re-entering the 
process.  

 This technique is also potentially attractive, and is being investigated by others in 

the field.    

 

 The high pressure effluent mixture could also be sent through an 

adsorption unit, where the solutes would be stripped from the high pressure carbon 

dioxide.  This is also a feasible process strategy.  The main disadvantage is that the 

adsorption units would have to shut down periodically to desorb the solute from the now 

saturated adsorbents ([6]).   
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 All of the above separation strategies are possible routes for industrial 

implementation and all are being investigated for different applications.  Since the focus 

of this research is on selectively removing the solutes from the supercritical medium 

using the process described in Figure 7.2, this, along with the recompression based case, 

will be the two methods for which a formal economic analysis will be done.   

 

7.3 PROCESSING COST ESTIMATION:  RECOMPRESSION VS MEMBRANE UNIT 

 

The following sections compare the process economics for two of the proposed 

schemes of solvent separation and recycle.  The first process analyzed will be that of 

effluent decompression to separate unwanted solutes, followed by recompression (Figure 

7.1).  The second system analyzed will be that of an integrated membrane / compressor 

based system, as shown in Figure 7.2 above.  Since the system that we have chosen to 

study is the phenol / carbon dioxide system, this is the system on which the comparisons 

were done.  The solid state polymerization of polycarbonate utilizing supercritical carbon 

dioxide, which results in a PhOH / CO2 effluent stream, is only being investigated in the 

research arena.  Therefore, no real production specifications regarding the composition of 

the effluent mixture are available, nor are the purity requirements of the purified carbon 

dioxide.  Based on conversations with scientists at UNC who were developing the CO2 

based polymerization scheme, the following set of specifications was established.  The 

effluent from the polycarbonate polymerization reactor will exit the reactor at 1500 psi 

and 50ºC.  This effluent contains between 0.08 and 0.1 weight percent of phenol which 

requires reduction to 0.002 weight percent before the carbon dioxide can be considered 

purified and recycled back to the reactor.  The specifications now define the parameters 

by which to size our membrane module unit.  



 165

 

Estimates of the mass of phenol produced per hour, and the corresponding carbon 

dioxide present in the effluent stream can be made based on realistic production data, 

current research trends, and engineering estimations. In the solid state polymerization 

process that is envisioned for polycarbonate, pre-polymer beads of Mn = 3000 g / mol 

will be processed with carbon dioxide at a pressure of 1500 psia, and temperature of 

50°C. Target average molecular weight for the polycarbonate is 24000 g / mol.  As the 

pre-polymer reacts, phenol condensate by-products are given off, with an average of 7 

mol of phenol produced for every mol of 24000 Mn polycarbonate. Using the above 

information, and estimating that 3 billion pounds of polycarbonate is produced yearly [7, 

8], a total of 3.7x1010 g / year of phenol are produced.  Since the weight fraction of 

phenol in the effluent stream from such a polymerization reactor is 0.1 weight percent, 

and assuming that all phenol is transferred to the solvent medium, the corresponding 

mass of necessary carbon dioxide is 3.7x1013 g / year. The production of polycarbonate 

will be spread across several facilities, with a representative facility producing 

approximately 260 million pounds per year [9].   We have chosen to do an economic 

analysis on the separation unit operation of a representative polycarbonate plant 

producing 260 million pounds per year and to scale the corresponding amounts of CO2 

and phenol accordingly. A table that summarizes the assumed and estimated information 

on processing conditions and effluent streams is shown below: 
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Table 7. 1  Processing parameters used in economic analysis 

 
Process Parameter Value 
Effluent Pressure (psi) 1500 
Effluent Temperature (°°°°C) 50 
Phenol Feed Composition (wt %) 0.1 
Desired phenol composition (wt%) 0.002 
Production of phenol (lbm / hr) 813 
Amount of CO2 in effluent stream 
(lbm / hr) 8.15E5 

 

 

7.3.1  Case I:  Recompression 

In the first approach, the initial pressure is decreased to 100 psi, and 50% of the 

phenol drops out of solution.  Below 100 psi, the phenol / CO2 solubility values are not 

known.  However, it seems safe to assume that de-pressurizing this system further to 

atmospheric conditions, or decreasing the temperature below 30ºC at 100 psi should drop 

the remaining phenol out of solution.  The �purified� carbon dioxide is then re-

pressurized isentropically to 1500 psi, where it is cooled before re-entering the reactor.  A 

schematic of the process parameters for the re-compression of CO2 are included below: 
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Figure 7.4    Process parameters for hypothetical recompression of purified, low pressure, 
CO2 

The isentropic work is 100 Btu / lbm, the efficiency was estimated to be 0.65 [10]; 

therefore the total work for this process is estimated at 154 Btu / lbm.  For this calculation 

8.15x105 lbm / hr of CO2 was used, and the cost of electricity is estimated to be $0.11 / 

Kwh [11].  Using the above estimations, a cost of 17 million dollars for the 

recompression of 8.15x105 lbm / hr of CO2 over a period of 6 months was calculated.   

 

7.3.2 Case II:  Membrane / Compressor Integrated Unit 

 

For the membrane based separations, the following parameters were used in cost 

estimation: 

 

 

 

 

 

 

P = 20 psia 
H = -3750 Btu/lbm 

P = 1500 psia 
H  = -3650 Btu/lbm

Isentropic Work:  w = (∆H) 
Efficiency = n 
Total Work: w / n 
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Table 7. 2.  Parameters for use in cost estimation. 

Parameter General Polyimide 
Permeability CO2 (Barrers) 100 
Hollow Fiber Thickness (Å) 1000 
Total Pressure (psi) 1500 
ØPhOH 0.015 
Membrane Selectivity 5 
Cost of Membrane ($/ft2) 5 
Membrane Lifetime (months) 6 

 

As well, the following definitions for selectivities were used: 
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where the first ratio is the ideal selectivity, and the second is the actual selectivity.  

In reality, the equality between the first and second relations is only equal in the cases of 

ideal gases and processing conditions.  However, for the economic estimation, this is a 

reasonable starting point.  From the assumed selectivity of 5, and a CO2 permeability of 

100 Barrers, a permeability of 500 Barrers for phenol was calculated.  From this, a final 
phenol flux of 4.4x10-5 

hrcm
mol

2   was estimated using the parameters (upstream pressure, 

phenol fugacity, membrane thickness) from Table 7.2.  As was specified earlier, 98% of 

the phenol had to be removed from the feed by the membrane.  Using the following 

relation, a required membrane area of 8.7x103 m2 was calculated. 
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and 

 
  PhOHFeed0.98extractionOHRequiredPh ⋅=   (7.3) 

The recompression costs of the CO2 lost to the permeate stream is also accounted 

for, and is estimated using the following expression: 
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where 5=α , and ( ) ( )99953./00047./
2

=COPhOH xx , which is the ratio of feed components.  

The required phenol extraction is known from equation (7.2) and (7.3) above. Using 

equation (7.4) with the preceeding parameters, the amount of carbon dioxide that is lost 

to the permeate can be estimated as 1.6x105 lbm / hr, which is about 19% of the total CO2 

coming into the membrane separation unit.  This is accounted for in the total costs by 

including the recompression costs of the lost CO2 in the estimation of the membrane 

based processing costs, as is shown in equation (7.5) below.  Clearly, for higher 

selectivity membranes, this �lost� fraction will decrease.  The recompression work is 

calculated in the same manner as was done for pure re-compression in Case I above. 

 

 The total processing cost of the membrane unit operation in this analysis is 

the sum of the membrane and the recompression costs: 

 
 2COLost""ofionRecompressUnitMembraneTotalCosts +=   (7.5) 
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For a membrane module in which the previous parameters are met, the total operating 

costs for a 6 month lifetime is 3.7 million dollars, including 430 thousand dollars for the 

membrane unit and 3.3 million dollars for recompression of lost permeate.  Comparing 

the membranes based system to the recompression route, it can be seen that a well 

designed membrane based system is economically favorable to pure re-compression by a 

ratio of 4.6 : 1.  The above analysis was done for one particular selectivity, 5; however, as 

the potential selectivity increases, the advantages of using a membranes based approach 

increase drastically as can be seen in the following figure:  
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Figure 7.5    Economic Analysis.  Squares represent the change in the recompression 
processing costs / membrane processing costs ratio as a function of 
increasing membrane selectivity while diamonds represent the % of CO2 
lost to the permeate which must be recompressed as a function of the 
membrane selectivity. 

By solely investigating and comparing the processing costs associated with a 

compressor based system versus an integrated membrane / compressor system, and 

assuming a base selectivity of 5, a large economic advantage of using a membranes based 

system is seen.  As the material selectivity increases, the percentage of CO2 lost to the 

downstream decreases dramatically, further enhancing the economic advantage of the 

membranes based unit.  In fact, for selectivities of 30 or higher, the percentage of CO2 

lost is a mere 3%.  In this case, it might be more economical to vent this gas than to 
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recompress it, eliminating the need for an expensive compressor, and making the 

membrane based alternative even more attractive. 

 

Several other aspects of this analysis should also be addressed.  The first is the 

very conservative life expectancy of the membrane, which was estimated at 6 months.  It 

is expected that a well � designed membrane based unit will last approximately 3 years.  

When this life expectancy is accounted for, the enhancement of the membranes / 

compressor integrated unit is increased by another 10%, which is significant, but still 

smaller than one would expect for a solely membranes based system.  If the cost ratio 

was based on just a membrane module / total recompression basis, the increase in 

economics favoring the membrane would be over 500%.  However, the additional 

compressor processing costs that are required in the integrated membrane / compressor 

unit damp out significantly the inherent membranes advantage.  This further emphasizes 

the need for well-designed membrane materials, which have selectivities which are high 

enough (>30) to possibly eliminate the need for additional compressors in the membrane 

based unit operation. 

 

Another processing parameter that will have an effect on the economics of the 

membrane based process is the final required purity of the effluent stream.  For  

hypothetical membrane selectivities ranging from 5 to 25, the advantages of the 

membrane / recompression processing costs increase approximately 13% as the final 

purity requirements are decreased from 95 � 85%.   
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7.4 COST ESTIMATION:  CAPITAL COSTS 

 

The above discussion focuses on operating costs associated with using either a 

compressor based system or a membrane / compressor based system.  Another important 

factor to address is the installed cost of both a membrane based unit and a compressor.  

Hao et al [12] estimates the installed cost of a membrane unit to be $108.00 / m2 (which 

includes the membrane module) for a hollow fiber membrane unit.  Compressors are 

available in several varieties, and the ones that are most suited for compression of CO2 

are the screw, reciprocating, and centrifugal multi-stage varieties [10, 13].  For this 

analysis, a 4 stage-centrifugal compressor with inter-stage coolers was chosen because of 

the large volumes of CO2 associated with the large scale polycarbonate manufacturing 

process described. Compressor sizing and pricing was done in conjunction with BP 

Amoco, where the Aspen simulations were done.  The installed cost of a compressor 

sized for 8.15x105 lbm / hr of carbon dioxide was 33 million dollars [14].  The installed 

costs of a membrane unit sized for the above plant, based on a selectivity of 5, is 957 

thousand dollars.  To add a compressor sized for the amount of CO2 lost to the 

downstream is another 8 million dollars, bringing the total installed costs for a membrane 

/ compressor system to approximately 8.9 million dollars, which is a quarter of the cost of 

a large scale compressor.  The table below lists the costs associated with (1) installed 

capital costs, and (2) operating costs (from Section 7.3) for the processes described 

above: 
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Table 7. 3.   Tabulated capital and processing costs associated with both a membranes 
based system and a re-compression based system. 

Processing Method Capital Costs 

(million dollars) 

Process Costs 

(million dollars per six months) 

Membrane / Compressor 8.9 3.7 

Recompression 33 17 

 

As can be seen, both capital and processing (operating) costs associated with a 

membranes based unit are less than a third that of a purely recompression based unit 

operation.  An important factor to note is that the bulk of the integrated membrane unit�s 

processing costs lie in the recompression of lost permeate.  By designing materials with 

higher selectivities so that the amount of lost CO2 is small, the need for recompression 

may be eliminated altogether, increasing the economic value of the membrane based 

separation avenue.  Another assumption was the lifetime of the membrane module.  A 

very conservative estimate of 6 months was taken; however, for a stable, well-designed 

material, the lifetime averages are between 1 � 3 years [15].  This will also serve to lower 

the overall costs associated with the membrane based system.  However, as is, the unit 

provides very convincing cost effectiveness to justify research and development of  

materials for membrane based separations. 

 

7.5 PICTURE OF INTEGRATED MEMBRANE UNIT 

 

The above development of membrane based applications and its comparison to 

recompression routes establishes a base processing schematic.  For total integration into a 

manufacturing environment, the unit operation described in Figure 7.2 will be modified.  
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A sweep mixture of phenol and CO2 will be used to control the activity on the 

downstream face of the membrane for true �Sorp-vection� to occur.  In this case, the flow 

diagram will be as follows: 

 

 

Figure 7.6    Actual processing environment for Sorp-Vection based membrane unit.  A 
downstream sweep stream to control phenol activity on the downstream face 
of the membrane is incorporated.  This sweep stream is recycled by 
condensing out excess phenol to proper purifications before one stream is 
sent back to the membrane unit while the other is further purified before 
being recompressed and sent back into the process. 

 In this case, the only addition to the unit operation will be two additional 

condensers, whose costs range between 24 and 50 thousand dollars; a fraction of the 

other costs associated with a membrane or recompression based unit [11].  It was felt that 
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this additional amount is within the uncertainty limits for the compressor component 

costs, so additional re-figuring of the costs relative to Table 7.3 was not needed. 

 

7.6 TOTAL COST COMPARISON AS A FUNCTION OF UNIT OPERATION SIZE 

 

The economic analysis provided thus far has been aimed at a targeted separation - 

phenol from carbon dioxide.  This effluent is the product of a solid state polymerization 

process, in which the volumes of processed material is set by the amount of 

polycarbonate produced yearly and the projected phenol concentration in the effluent 

stream.  Many potential applications involving supercritical carbon dioxide, such as 

continuous precipitation polymerizations of poly (acrylic acid) and poly (vinylide 

fluoride), are also under investigation [16], and will entail separation of organic solutes 

from supercritical carbon dioxide.  The anticipated process volumes and solute 

concentrations in supercritical carbon dioxide are still not known; these parameters, along 

with material selectivity, will ultimately impact the overall economic picture.  However, 

some general trends showing capital and processing cost impact as a function of CO2 

process volume are presented below to help provide a guideline regarding the cost 

effectiveness of membranes versus a traditional recompression route. 

Figure 7.7 below shows the installed costs of a centrifugal compressor as a 

function of CO2 process volume [14].  As can be seen, the costs rise dramatically with an 

increase in process volume, to 50 million dollars for a compressor sized to process 

2.1x106 lbm / hr of carbon dioxide. 
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Cost of Compressor: Case I
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Figure 7.7.  Installed compressor costs ($) versus increasing CO2 capacity.   

Figure 7.8 below presents the capital costs associated with an integrated 

membrane and compressor based unit.  The additional compressor that is required to 

recompress and recycle the lost carbon dioxide is the largest component of the 

membranes based unit.  While the membrane based unit as a whole is still less expensive 

than the recompression based route, this fact again emphasizes the desirability of a 

membrane material with selectivities > 30, which will help eliminate the need for the 

extra compressor. 
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Membrane + Additional Compressor Installed Costs: 
Case II
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Figure 7.8.    Installed costs for membrane based separation system.  Squares represent 
compressor costs while diamonds represent membrane module costs.   

 

Table 7.4 compares the total installed costs of a recompression based system to 

that of a membranes based system.   

 

Table 7.4.   Cost comparison of integrated membrane based unit with a standard                 
compressor based unit for two different membrane material selectivities,         
5 and 25, and varying CO2 process burdens. 

 
Amount of CO2  
( 1000lbm / hr) 

Ratio of Membranes Based 
Unit / Recompression (αααα = 5) 

Ratio of Membranes 
Based Unit / 

Recompression (αααα = 25) 
21 0.55 0.44 

217 0.29 0.11 
817 0.27 0.07 

2172 0.45 0.10 
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For α = 5, at low process volumes, a membrane based unit is half the cost of a 

compression system, while at higher process volumes, cost of the membrane based 

system drops to a quarter the price of a recompression based system.  For calculations 

done assuming a selectivity of 25, the advantages of a membranes based unit are even 

more pronounced.  At low process volumes, the membranes based unit is less than half 

that of a recompressor, dropping to less than a tenth the cost of a recompression based 

route at higher CO2 processing requirements. 

 

In all cases, the installed cost of a membrane based system is much less than that 

of recompression.  The degree to which the membrane unit is favored depends on the 

process volume of the carbon dioxide, and the material selectivity, as this determines the 

amount of lost CO2 that will ultimately require recompression before it is sent back to the 

process.   

 

An interesting trend is also observed in Table 7.4 above.  This table shows that 

ratio of the membranes based unit to the compression based unit declines initially, but 

then increases for a process load of 2.17 million pounds of CO2.   This can be explained 

by the following figure:  
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Installed Compressor Cost Comparison
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Figure 7.9.   Comparison of installed costs in a compression based system to that in a 
membranes based system.  The compressor in the former scales as a 
polynomial function that asymptotes at higher process burdens, while the 
compressor in the latter scales in a linear fashion. 

This graph illustrates the compressor costs in a compression based system and a 

membrane based system for a membrane selectivity of 5.  The installed cost of the 

membrane unit itself has been taken out of the equation, since it accounts for a tiny 

fraction of the overall cost, and therefore is not the parameter that is skewing the above 

ratio.  Instead, by observing the cost trends associated with the compressors purchased 

for the membranes based system and comparing it with a pure compressor based system, 

much insight is gained.  The additional compressor needed to assist the membranes unit 

is small and in this size range, scales in a linear fashion.  The installed costs for the 

recompression based system is not linear, and the cost as a function of processing burden 

starts to asymptote at the higher limits.  Since the small compressor needed to assist the 

membrane unit is still scaling in a linear fashion, it has a rate of change that is larger than 

that of the compressor based system.  This difference in the scaling mechanism of the two 
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units accounts for the increase in the membrane to compressor ratio at larger process 

burdens. 

 

In the above discussion, the compared costs were those associated with 

purchasing and installing the required equipment for the unit operation.  Processing costs 

for membranes and recompression based units are included in the following table: 

 

Table 7. 5.   Total processing costs of a membrane based and recompression based 
systems at varying CO2 processing requirements. 

Amount of  CO2 
(lbm / hr) 

Membrane Module 
Costs (million $) 

Total Membranes 
Costs (million $) 

Recompression 
costs (million $) 

21 0.013 0.099 0.44 
217 0.13 0.99 4.4 
817 0.48 3.70 17 

2172 1.32 9.90 44 

 

In all cases, the cost of the membranes based system is less than 25% of the costs 

of the recompression route.  As can also be seen, the largest fraction of the membranes 

unit operating costs lie with the additional compressor for lost CO2.  In fact, when the 

cost of the additional recompression is neglected, the membranes system costs less than 

3% of the recompression system.  This again emphasizes the need for high material 

selectivity to more fully optimize the advantages of a membranes based system. 

   

For all of the varying CO2 process volumes, the membrane based system showed 

significant economic advantages over the recompression based system.  The degree to 

which the membrane unit outpaced the recompression route depended on both process 

specifications and membrane selectivity.  While general in nature, the figures and tables 
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presented above can be utilized as a starting point when determining possible separation 

routes for different applications and process specifications. 

 

7.7          IMPORTANT PROCESS PARAMETERS THAT EFFECT ECONOMICS AND 
SEPARATION METHODS 

 

 The above analysis shows that for the specific phenol / carbon dioxide 

system, membrane based systems in which the organic solute is preferentially separated 

from high pressure carbon dioxide, are economically viable.  However, the separation 

feasibility and economics are influenced by several factors that may render the de-

pressurization and recompression methods more favorable.  These factors are discussed 

below: 

 

! Material selectivity and life-time are two important factors that directly 

affect the economics of the phenol / carbon dioxide separation.  Higher 

material selectivities result in smaller losses of carbon dioxide to the 

permeate, which can possibly eliminate the recompression step 

completely, and increase economic viability.  As well, materials with 1 � 3 

year longevity will also help reduce costs associated with the membrane 

module replacements. 

 

! Processing parameters, such as temperature, pressure, and type of solute 

are important to consider when deciding which separation technique to 

employ.  With extremely high pressure and temperature requirements 

(>3000 psi or 100°C), and in very chemically active environments, even 
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well supported polymeric membranes may not be adequate.  In these 

cases, inorganic materials and carbons should be considered, which 

increase the costs dramatically (100 � 1000X) and changes the separation 

approach.   

 

! As well, solutes that are non-interacting with the chosen polymeric 

membranes will not work as well with the sorption enhanced convection 

approach detailed within this thesis.  Sorption enhancement of the solute 

via integrated facilitation factors is also a possibility to make the 

separation possible.  However, in these cases, it might be more logistically 

feasible to devise a separation scheme in which the CO2 is separated from 

the organic solute using a small transmembrane pressure, recompressed 

slightly back to operating pressures, and then recycled.  For this method, 

both inorganic and organic membranes can be used.   

 

! An important parameter to also consider is the solubility limits of the 

organic solute in supercritical carbon dioxide, and how the solubility 

behaves as a function of pressure.  If decreasing the pressure by 100 psi is 

enough to drop out the appropriate amount of solute, then a membrane 

based system may not be necessary, only a slight recompression of the 

solvent. 
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7.8 DISCUSSION 

 

A preliminary economic analysis has been presented to emphasize the potential 

economic advantages that can be realized by developing membrane materials for use in 

high pressure CO2 separations.  This analysis shows that polymeric membranes, which 

are economical to produce and easy to replace, are an advantageous separation route, and 

that, as expected, the attractiveness of membranes are enhanced with increasing 

separation efficiency.  The economics were based on a membrane with a modest 

selectivity of 5, in which the full �sorp-vection� effects were not realized.  When 

successful sorption enhanced convection is achieved, selectivities greater than 25 for the 

phenol based system are expected, which will result in even greater economic advantages 

when using a membrane based system versus a true recompression route. 
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Chapter 8 : Conclusions and Recommendations 

8.1 SUMMARY 

Polyimide membranes have been implemented in a variety of applications due to 

their attractive productivities, selectivities, and processing characteristics.  Their use in 

high pressure carbon dioxide environments has not been well investigated; however, 

increasing industrial interest in using supercritical CO2 in place of organic solvents as a 

processing agent makes this study important. Many potential end uses of CO2 as an 

industrial solvent will require purification of contaminated CO2 streams with further  

recycling of the CO2 to prevent significant emission into the atmosphere [1].  One 

method to remove these solute contaminants from CO2 is to depressurize effluent streams 

so that the solutes can be isolated from their respective solvent.  However, recompressing 

the CO2 to operating pressures is energy intensive and expensive.   

 

Well designed membranes, which selectively partition the organic solutes into the 

material and transfer it out of the effluent stream, leaving the CO2 at high pressure, offer 

a low cost and high productivity alternative to de-pressurization.   In this scenario, solutes 

are recovered at low pressures, and the high pressure purified CO2 can be recycled with 

little or no repressurization.  The focus of this project was to study the effects of high 

pressure carbon dioxide on the properties of polyimide materials, and to successfully 

separate the organic solute, phenol, from CO2.   
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8.2 PURE CO2 OBSERVATIONS 

 

Investigation of the transport properties of 6FDA-based polyimide materials in the 

presence of supercritical carbon dioxide showed interesting permeability trends. As the 

carbon dioxide pressure was increased, the productivities initially increased, which fit 

well with a picture of material plasticization, and was a completely expected response.  

However, as the supercritical region of CO2 was approached, the permeabilities exhibited 

a maximum after which they declined with further increases in pressure.  This now 

�conditioned� polymer showed decreased chain spacing and decreased swelling effects as 

compared to an untested sample, which indicates a possible lattice collapse of the 

material.  This behavior is quite different from that of the commercially available 

polyimide, Matrimid®, which showed no permeability declines with increasing pressures.   
 

It was postulated that two conditions should be present for the consolidation to 

occur:  (1) the material has a large fractional free volume, and (2) the material has an 

affinity for carbon dioxide, which yields high sorption values.  It is proposed that these 

high fractional free volume polymers have a greater tendency to relax towards their 

desired equilibrium positions as compared to matrices with lower free volumes.  In this 

case, it seems that the competition between the swelling tendency, or free volume 

enlargement, of the polymer due to the presence of carbon dioxide at some point can be 

balanced by the tendency for a non-equilibrium high free volume polymer to relax to its 

equilibrium state.  The permeability maximum occurs when the two effects are equal, 

after the volume contraction is dominant. 

 



 189

8.3 MIXED GAS MODELING AND OBSERVATIONS 

 

The first phase of this research project built a fundamental understanding of 

transport in supercritical conditions.  Since successful separations of organic solutes from 

ScCO2 using glassy polyimides is somewhat counter-intuitive, it was prudent to establish 

a basis for predictive success before presenting experimental evidence.  By modeling 

transport through the membrane starting with Fick�s law, taking into account convective 

contributions to transport, and dictating process conditions to simplify the analysis, an 

unconventional approach to describing transport through a membrane was developed in 

Chapter 5.  This model was compared to another analysis developed using the Stefan 

Maxwell approach, which specifically takes into account interactions between 

components during transport.  Using the bulk flow model of transport and collected 

sorption data, theoretically achievable selectivities were calculated and experimental data 

gathered to provide a proof of concept.   

 

Several important aspects of this approach are highlighted in the following list: 

 

! For optimum separation effectiveness, conditions should be engineered to 

ensure a constant activity of dilute organic solute, in our case, phenol.  In this 

scenario, the flux of the second component, CO2, then convectively moves 

phenol, which has selectively partitioned into the polymer phase, across the 

membrane, rather than relying upon diffusive transport of phenol to an 

enriched mass fraction downstream. 
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! Though large inherent fluxes of components are desired for high throughput, 

the ratios of phenol to carbon dioxide in the downstream receiver are only a 

function of the amount of phenol sorbed into the polymer.  Therefore, careful 

material selection and development is necessary for optimum separation 

effectiveness. 

 

! The selectivity of the material depends to a large extent on the sorbed solute 

concentration in the polymer.  This in turn depends on the partitioning of the 

solute from the gas to the polymer phase.  For optimum selectivity, large 

partitioning between gas and polymer is desired, and can be tuned through 

material development.    

 

 

! The Maxwell Stefan (MS) approach, which takes into account many of the 

important factors that are present in mixed gas systems, was compared to the 

Fickian development emphasized in this thesis.  While the MS approach is 

more complete, the Fickian model is simple and provides for a clearer 

conceptual picture of the process.  Therefore, we have chosen to operate at 

the limit in which the MS equations collapse into those developed through 

the Fickian approach, while acknowledging that realistic expectations lie 

somewhere between the MS limits. 
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8.4 MIXED GAS EXPERIMENTAL WORK 

 

  Based on the Fickian development of selectivity, along with a predicted phenol 

sorption level in the polymer provided by the dip tests, a selectivity of 79 was predicted 

for the 6FDA-DAM polymer.  Much work in this experimental section focused on 

developing the techniques necessary to prove the mixed gas proof of concept.  Dip test 

sorption methods were established to obtain sorption of phenol in the polymers, while a 

new mixed gas system was built to examine actual separation efficiency of the materials 

under permeation conditions.  Via gravimetric capture methods, separation efficiencies of 

40 � 44 were obtained for the 6FDA-DAM material, which are 59% of the efficiency 

determined via modeling.  These experimental results provide a proof of concept and do 

support a picture of bulk flow based separations of phenol from carbon dioxide.  It is 

important to note that (1) the separation of phenol from carbon dioxide is possible using 

glassy materials, (2) these separation factors are large enough for industrial viability, and 

(3) bulk flow effects are working to enhance the separation effectiveness.  While the true 

�sorp-vection� concept is still being optimized, this work has built the basic 

understanding, methods, and equipment which will allow for future optimization.   

 

8.5 ECONOMIC VIABILITY 

 

An economic analysis emphasized that polymeric membranes, which are cheap to 

produce and easy to replace, are economically advantageous, and that, as expected, the 

attractiveness of membranes are enhanced with increasing separation efficiency.   
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Effectiveness and need for membrane separations depends on several important 

parameters such as solute solubility trends, solute interaction with the membrane, and 

actual industrial processing parameters.  Based on these criteria, it may be more useful to 

separate these mixtures using one of several other separation schemes. 

 

8.6 RECOMMENDATIONS FOR FUTURE WORK 

 

8.6.1 Pure Carbon Dioxide Investigations 

 

The pure carbon dioxide work done in this thesis, and the unexpected relaxation 

phenomena observed, provides an intriguing avenue of fundamental work that can be 

accomplished.   

 

! The WAXD and ellipsometric sorption characterization that was done in this 

investigation involved �vectored� polymers; i.e. ones that had been exposed to 

1500 psi on the upstream and vacuum on the downstream, presumably 

resulting in properties that varied along through the thickness of the 

membrane.  A more complete analysis of the lattice collapse can be 

accomplished via careful high pressure conditioning of dense films in a 

sorption cell, which ensures equal conditioning throughout the film.  The 

extent of lattice collapse should be increased dramatically in these samples, 

which should be represented in a sharper decrease in sorption and polymer 

segment spacing in the polymer.  WAXD can be done at Georgia Tech, while 



 193

the ellipsometric sorption can be accomplished in collaboration with Dr. Keith 

Johnston�s group at The University of Texas. 

 

! The solvent induced glass transition temperature is an important parameter 

that has not been investigated through the course of this study.  However, it is 

an extremely important aspect to consider when developing a fundamental 

understanding of the lattice consolidation experienced in the high pressure 

CO2 experiments.  Two techniques, creep compliance [2, 3] and CO2 foaming 

investigations [4-6], lend themselves well to in-situ characterization.  In both 

cases, equipment must be designed and built before characterization is 

possible.  

 

 

! An investigative study of the relationship between fractional free volume 

(FFV) and magnitude of lattice collapse should be done in which the 

monomer composition is systematically changed in a manner that reduces the 

FFV. 

 

! Heat treating the polymers also accelerates the aging process, and leads to a 

decrease in sorption [7].  This decrease in sorption combined with a lower 

FFV which comes about in the aging process, may result in suppression of the 

polymer lattice collapse.  

 



 194

! An investigation of the change in Tg between the unconditioned and 

conditioned polymers will further add to the fundamental data base in this 

unique polymer behavior. 

 

! Two different phenomena describing the lattice collapse phenomena could be 

occurring.  One describes the lattice collapse as a combination of accelerated 

diffusion of free volume and lattice contraction within the polymer [8], which 

results in decreased Langmuir contributions to sorption and diffusion in the 

polymer.  Another approach describes this consolidation as a process in which 

the FFV in the polymer actually stays the same.  In this scheme, the small and 

highly sorbing CO2 is able to wedge itself into the crevas between the 

microvoid and the densified region, increasing the mobility in this region, and 

transferring the densified volume to the microvoid, resulting in an increase in 

Langmuir sorption and a decrease in the Henry�s law contribution.  To really 

understand which phenomena is occurring, both high pressure equilibrium 

sorption and positron annihilation spectroscopy should be done. 

 

The fundamental studies described above will provide a great foundation for later 

practical studies which include the extent of polymer stabilization; i.e. how high a 

CO2 pressure can be achieved before plasticization begins.  For natural gas high 

pressure applications, a very important pragmatic study that should be addressed 

is to what extent the CO2 / CH4 selectivity is affected by the polymer 

densification. 
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8.6.2 MIXED GAS INVESTIGATIONS 

The work done modeling the separation of phenol from carbon dioxide using a 

sorption enhanced convection approach and the corresponding experimental proof of 

concept was just the beginning of a potentially attractive separation process.  In the 

coming years, several quite interesting avenues of process engineering and material 

development can be followed to achieve greater separation efficiencies in a more 

industrially relevant scenario.  Suggestions for future work are included in the following 

bulleted list: 

 

! Proof of concept has been achieved using a downstream conditioning method, 

which was a reasonable first technique.  However, for future work, a more 

tunable approach for controlling the downstream solute activity should be 

addressed.  The mixing equipment and basic parameters have been described 

in Chapter 6 of this thesis.  Since this system was introduced late in the 

project, the proper operating parameters have not been optimized extracted for 

the system.  For the project to continue to evolve this downstream mixing and 

flow through system should be addressed first. 

 

! Thus far, the composition of the phenol has been monitored using a gas 

chromatograph fitted with an FID.  From a calibration curve, the 

corresponding weight percent of phenol and then CO2 is calculated.  A nice 

extension to this measurement technique would be the addition of a TCD 

combination, which would also enable measurement of CO2 in the permeate 

stream. 
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! The next logical step in the phenol / CO2 separation would be to engineer the 

materials for the optimum separation effectiveness. As shown in the �Sorp-

Vection� approach, the greater the phenol in the membrane, the higher the 

separation effectiveness.  By either tuning the activity of phenol in the system 

or by engineering the material properties, it will be possible to investigate the 

separation limits of the system.  Since in a realistic processing situation, the 

activity of effluent feeds will most likely be fixed, the most reasonable 

approach might be to incorporate different functional groups and cross-linking 

agents into the polymer backbone for sorption enhancement and material 

stabilization, respectively.   

 

! In-situ mixed gas sorption of phenol / carbon dioxide should be investigated 

via IR methods.  In this scenario, a high pressure quartz cell would house the 

polymer and mixed gas.  When this temperature controlled cell is placed in the 

path of a KBr beam, the change in phenol composition could be monitored 

over time until equilibrium has been established.  At present, the Koros group 

does not have the equipment for this experiment.  However, this type of set-up 

exists in the Eckert laboratory, which is located on campus.   

 

! At this point, all theoretical selectivities calculated for the phenol / carbon 

dioxide separation depend heavily on phenol sorption numbers that were 

measured via dip test sorption in which the solvent was hexane.  The activities 

of phenol in the hexane were modeled using data extrapolated from the 

literature, and equated to the phenol activities in carbon dioxide, which were 
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also modeled from data obtained in the literature.  This process, while a good 

start for initial experiments, does lead to inevitable errors in the sorption 

estimates.  It is very important that pure phenol sorption into the polymers via 

the quartz spring method continue to be pursued, since this is the cleanest 

method for quantifying sorption in the polymers.   

 

! An alternative approach for most efficiently proving the �Sorp-Vection� 

concept, would be to change the model system from the lesser investigated 

phenol / carbon dioxide system, to the more rigorously studied toluene / 

carbon dioxide system.  The solubilities of toluene in carbon dioxide have 

been well studied [9], and its sorption in polyimides at varying activities has 

been investigated [10, 11].  For this system, where the thermodynamics of the 

system are well known, the largest challenge will now be in (1) fully 

demonstrating the �Sorp-Vection� concept using Matrimid and 6FDA-DAM, 

(2) comparing the results with the experimentally modeled selectivities, and 

(3) modifying the materials for enhanced sorption effects.   
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Appendix A 

Standard Operating Procedure for Polyimide Synthesis 

written by John Wind in 6/00 

Modified by Shilpa Damle in 2/03 

Process Overview 

 

 The synthesis of polyimides is a two step process.  The initial step involves 

stoichiometric amounts of dianhydrides reacting with a diamines to form a polyamic acid.  

This precursor polymer is then reacted with triethyl amine and acetic anhydride in the 

second step.  This condensation reaction works to close the ring structure of the polyamic 

acid in order to form a polyimide.   

 

Some typical dianhydrides are shown in Figure 1 and diamines shown in Figure 2. 

 

 

Figure 1: Typical Dianhydrides  
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Figure 2: Typical Diamines 

 

General Procedure 

 

The following steps are involved with the polyimide synthesis procedure: 

! Determine reagent amounts for desired polymer 

! Purify monomers (12 � 15 hrs) 

! Remove water from reagents and glassware 

! Create polyamic acid (12 � 15 hrs) 

! Convert polyamic acid to polyimide (ring closure). (1 � 2 hrs) 

! Precipitate polyimide and extract solvent (1 � 5 hrs) 

! Dry polymer (12 � 18 hrs) 

 

 There is particular concern about keeping water out of the reaction solution.  With 

this condensation polymerization, stoichiometry between the dianhydrides and diamines 

is essential for development of high molecular weight polyimides.  Water can hydrolyze 

dianhydrides and alter the stoichiometry.  Therefore, strict precautions are taken to 

minimize the amount of water in the reaction flask. 
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 The monomer concentration in the reaction solution should be ~ 20% by volume 

or weight (assuming similar densities for solvated monomers, polymer, and solvent). 

 

 The conversion of polyamic acid to polyimide is achieved through the use of 

triethylamine (TEA) and acetic anhydride (AcAn).  This is referred to as chemical 

imidization as opposed to thermal imidization.  The TEA acts a catalyst for the ring 

closing reaction and the acetic anhydride reacts with the water that is given off by the 

ring closure, forming acetic acid. 

 

Safety 

! For all procedures, wear safety glasses, gloves (Latex or Neoprene), and closed-

toe shoes. 

! Work in the hood whenever handling solvents. 

! Wear dust mask to avoid breathing dust from monomers 

! Record all data and observations on data sheet or in lab notebook. 

! Consult MSDS sheets for any reagent as necessary. 

! Initial Preparation 

! Place molecular sieves in vacuum oven overnight at 150° C.  (Sieves will later be 

used for reagent water removal).  Shut oven off the morning of synthesis and let 

sieves cool to room temperature. 

! Clean glassware: (1) soak in pre-soak to remove excess material (2) place reaction 

flask, sublimators in KOH bath.  (3) Rinse and Acetone; leave to dry overnight 

 

Monomer Purification 

! Place vacuum grease on the O-rings and stopcock of the sublimator. 
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! Measure out the appropriate monomer weight and place in sublimator (at least 1 

gram for sublimation) 

! Place the sublimator inside the oil heating bath  

! Connect the vacuum pump and cooling lines.  Use a circulating water cooling 

mechanism for 6FDA and DAM sublimation.  Ice may be used as well. Turn on 

the vacuum pump and open the stopcock slowly. 

! Turn on the heating bath and start stirrer.  Adjust the temperature for the 

monomer to be sublimed.  (6FDA: 230°C, DAM: 80°C).  Monomers are typically 

sublimed 5-10°C below their melting points. 

 

Removal of Water from Reagents 

 

! Rinse 100 mL flasks with acetone and dry with heat gun. 

! Hook up N2 lines and dry the transfer needle line. 

! Remove molecular sieves from the oven and pour the sieves into reaction flask 

and two vials. 

! Pour Triethylamine (TEA) and Acetic Anhydride (AcAn) into 2 vials and seal. 

! The 1-methyl 2-pyrrolidinone (NMP) bottle is N2 purged and the solvent is needle 

transferred to the flask. 

 

Purified Monomer Recovery 

 

! Turn off the heating bath, shut off the stopcock, and unplug the vacuum 

pump. 
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! Let oil bath cool to 50°C; carefully remove the water circulation apparatus from 

cold finger. 

! Remove the sublimator from the oil bath. 

! Tare a clean, dry petri dish (or weighing paper). 

! Open stopcock slowly, and carefully remove the cold finger. 

! Scrape as much monomer as possible into the petri dish, and weigh it to make 

sure that it is in excess.  If it is not, the stoichiometry will have to be adjusted, or 

another sublimation will have to be done. 

! Place purified monomer in a sealed bottle 

! Cover diamine containing monomer with foil to reduce exposure to light 

 

Glassware Assembly  

 

! Place Teflon stir bar in reactor flask 

! Clamp the reactor flask to the hood support and place stir plate under reactor 

! Put a septum on the reactor, and insert the exhaust needle into the septum. 

! Insert N2 purge needle into the reactor septum and turn on purge.  

! Remove flammables from the hood, and then flame glassware with a propane 

torch.  A significant amount of water should desorb from the glass surfaces. 

  

Diamine Addition 

 

! Calculate the required weights of the monomers. 

! Tare weighing paper. 
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! Weigh the exact required amount of diamines to the tared weighing paper 

(stoichiometry is key) 

! Record weights on data sheet 

! Goto first step for remaining diamines 

! Add ~ 1/5 of the total amount of NMP required for the reaction to dissolve the 

diamines 

! Stir the diamine solution until all monomer is dissolved 

 

Dianhydride Addition 

! Calculate the required weights of the dianhydrides. 

! Tare weighing paper. 

! Weigh the exact required amount of diamines to the tared weighing paper 

(stoichiometry is key) 

! Record weights on data sheet 

! Goto first step for remaining diamines 

! Add ~ 4/5 of the total amount of NMP required for the reaction to dissolve the 

dianhydrides and start polymerization 

! Wrap the reaction flask in aluminum foil during the course of the reaction to 

avoid exposure to light. 

! Stir the solution for at least 12 hours to create the polyamic acid.  There should be 

a significant viscosity increase within 4 hours. 

 

Acetic Anhydride/Triethylamine Addition 

! Insert condenser into reactor flask and hook up water lines 

! Insert septum into top of condenser and connect N2 purge line 
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! Add ~ 30% excess NMP to reactor 

! Heat reactor to 50°C 

! Calculate the required volumes of AcAn and TEA. 

! Mix required volumes of AcAn and TEA in a clean bottle 

! Add mixture to polyamic acid solution slowly, to prevent phase separation 

! Heat reactor to 100°C (ramp temperature up over a one hour period) and let react 

for 1 hour. 

 

 

Precipitation and Purification (assuming 50 mL polymer solution) 

! Add ~ 500 mL methanol/H20 50/50 mixture to a 2000 mL beaker (10 times as 

much volume as polymer solution) 

! Place beaker on hot plate with stir bar 

! Add the polyimide solution to the methanol, making sure that the stir bar rotates 

freely. 

! Filter precipitated polymer in Buchner funnel 

! Add polymer to 500 mL H2O/Methanol in blender 

! Turn blender on high speed for ~ 2 minutes. 

! Filter slurry in Buchner funnel. 

! Pour methanol over the filter cake (total volume ~ 500 mL) to wash out residual 

solvents. 

! Allow polymer to dry in hood overnight 

! Place polymer in oven at 100°C at ambient pressure for 12 hr. 

! Place polymer in vacuum oven under full vacuum at 200°C for 12 hr. 
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Cleanup 

! Decant liquid from NMP, TEA, and AcAn flasks into liquid waste bottle 

! Record volume of each of liquid waste disposed. 

! Dispose of molecular sieves in solid waste container.  

! Wash glassware in sink with water. 

! Place glassware in KOH bath overnight. 

! Remove glassware from KOH bath, rinse, and put away. 
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Appendix B: DPM and DAM Calculations 

 To model the diffusion coefficient dependence on the flux of other components, 

the Maxwell � Stefan is written in the following form: 

 

  ∑
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where Dij is the diffusion coefficient of i under the influence of j.  As well, the total flux 

expression of component i in a mixture can be represented as  
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 This is the Fickian form of the flux expression, where the Dim is the effective 

diffusion coefficient of component i in the mixture.  Assuming an ideal solution and 

solving for the effective diffusion coefficient, the following expression can be obtained 
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     (A.3) 

 

 where Ni = flux of component i, xi = the mol fraction of component i in the 

membrane, and Dij is the diffusion coefficient of i relative to j, and DiM = the average 

diffusion coefficient of component i in the mixture.  For these calculations, P = polymer, 

A = CO2, and B = PhOH. 

 

For calculation of DPM, i = P and j = A, B 
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and  

 

 0=PN  since the polymer is stationary therefore, equation (A.4) above reduces to  
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The following expressions were used to (1) convert from molar units to mass based units, 

and (2) write the fluxes in terms of one component. 
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, which is the expression from Chapter 5 relating the flux 

of phenol to CO2 based on the �sorp-vection� concept.  Using the above equations, the 

following expressions are generated: 
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and subsequently, 
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upon simplification of the above expression, the following expression for DPM 

is obtained: 
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A similar method is used to determine DAM. 
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Appendix C:  Back Diffusion Probability 

 

 One concern in this project that back diffusion of phenol from a downstream 

having an activity that is greater than the upstream will affect the overall selectivity.  As 

shown in section 6.4.1, the final downstream mol fraction of phenol was 0.011, which 

translated to an activity of 0.15.  The sample calculation that is done below is for an even 

worse case scenario, where the downstream phenol activity has risen to approximately 

0.5 while the upstream activity is fixed at 0.08.  The figure below schematically describes 

this possible situation, and the following development shows that back diffusion, while 

possibly present, should not impact the final selectivity significantly. 

 

The following equations, which were introduced in Chapters 2 and 5, will be used in the 

calculations: 

 

 ( )
2

2

COPhOHPhOH
PhOH

PhOHPhOH nnw
dx

dw
Dn ++−= ρ    (A.1) 

and 

Upstream 
activity = 0.08 
wph = 0.05 

Downstream
activity = 0.50 
wph = 0.60 
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 The CO2 flux through the chosen material, 6FDA-DAM, is 4.1x 10-5 g/(cm2 s).  

From equilibrium sorption dip test data, an approximate diffusion coefficient for phenol 

of 1.8x 10-10 (cm2/s) has been calculated.  The density of the material is 1.3 g/cm3, and 

the thickness of the membrane is 0.00508 cm.  The weight fraction of phenol through the 

membrane is taken to be the average, of 0.325. 

 

 Assuming that a selectivity of 46 is achieved, it is appropriate to conclude that 

bulk flow effects are influencing a net transport of material to the downstream portion of 

the membrane, even with the existence of a diffusive flux of phenol backwards, from the 

downstream portion of the membrane to the upstream portion.   

 

 The total flux of phenol can be back calculated from equation (A.2) above, where 

(XPhoh / XCO2) = (.0008 / .9992), α = 46, and nCO2 = 4.1x 10-5 g/(cm2 s).  The total flux of 

phenol is thus, 1.51X 10-6 g/(cm2 s). 

 

 The diffusive flux of phenol, which is going counter to the net bulk flow 

movement, can be calculated from the diffusive portion of equation (A.1) using the 

parameters above. 

 

   
dx

dw
Dn PhOH

PhOHPhOH
2ρ−=     (A.3) 
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 This yields a theoretical diffusive flux of phenol against the net forward bulk flow 

of 2.8x 10-8 g/ (cm2 s).  This is approximately 3.4% of the total forward bulk flow, and 

should not impact our experimental results significantly. 
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